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ABSTRACT  

Biomass is an alternative to fossil fuels that has a lower impact on the environment and is 

thus of great interest to replace fossil fuels for energy production. There are several 

technologies to convert the stored energy in biomass into useful energy and this thesis 

focuses on the process of gasification. The purpose of this thesis is to investigate how the 

prediction accuracy of gas composition in a kinetic model for fluidized bed gasifier is affected 

when hydrodynamic parameters are introduced into the model. Two fluidized bed gasifier 

models has therefore been set up in order to evaluate the affects: one model which only 

considers the kinetics of a gasifier and a second model which includes both the kinetics and 

the hydrodynamic parameters for a bubbling fluidized bed. The kinetic model is represented 

by an already existing kinetic model that is originally derived for a downdraft gasifier which 

has quite similar biomass gasification processes as fluidized bed gasifiers. Gas residence time 

differs between the two gasifier types and the model has thus been calibrated by introducing 

a time correction factor in order to use it for fluidized bed gasifiers and get optimum results. 

Two sets of experimental data were used for comparison between the two models. The 

models were compared by comparing the results of the predicted gas composition yield and 

the amount of unreacted carbon after the reactor at various equivalence ratios (ER).  

The result shows that the model that only considers reaction kinetics yields best agreement 

with the experimental data that have been used. One reasons as to why the kinetic model 

gives a better prediction of gas composition is due to the fact that there are higher reactant 

concentrations available for chemical reactions in the kinetic, in comparison to the combined 

model. Less reactant concentrations in the combined model is a result of the bed in the 

combined model consisting of two phases, according to the two-phase theory of fluidization 

that have been adapted. Both phases contain gases but the bubble phase is considered solid 

free, chemical reactions occur therefore only in the emulsion phase since the kinetic model is 

based on gas-solid reactions. The model that only contains reaction kinetics considers only 

one phase and all concentrations are available for chemical reactions. Higher char conversion 

is thus achieved in the model that only contains reaction kinetics and higher gas 

concentrations are produced.  

Keywords: Gasification, Gasifier, Biomass, Bubbling fluidized beds, MATLAB, Reaction 

kinetics, Hydrodynamics, Two-phase theory of fluidization 

Nyckelord: Förgasning, förgasare, biomassa, bubblande fluidiserade bäddar, MATLAB, 

reaktionskinetik, hydrodynamik, två-fas teorin av fluidisering  
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SAMMANFATTNING 

Biomassa är ett alternativ till fossila bränslen som har lägre inverkan på miljön och är därför 

ett mycket intressant bränsle till att ersätta fossila bränslen med. Det finns flera olika 

alternativ att konvertera den energi som är lagrad i biomassa till användbar energi och i det 

här examensarbetet kommer förgasning som är ett populärt sätt att höja kvalitet och värdet 

på råvaran att stå i fokus. Den producerade gasen har många användningsområden, gasen 

kan exempelvis användas som bränsle till gasturbiner eller för syntetisering till drivmedel 

eller framställning av kemiska produkter. Förgasningen kan ske i olika typer av förgasare och 

en typ av förgasare som ökat i intresse och som har intressanta egenskaper är bubblande 

fluidiserade bädd (BFB)-förgasare. Denna typ av förgasare är bränsleflexibel och tekniken 

lämpar sig väl för uppskalning. Syftet med det här examensarbetet är att undersöka hur den 

förutspådda gaskompositionen från en kinetikmodell för en BFB-förgasare påverkas utav att 

hydrodynamiska parametrar för bädden inkluderas i modellen. Två modeller för BFB-

förgasare har konstruerats i programmeringsspråket MATLAB för att kunna utvärdera detta: 

en modell som endast är uppbyggd av kemiska reaktionskinetiska samband för en förgasare 

och en kombinerad modell som inkluderar både kinetik och hydrodynamiska parametrar för 

en bubblande fluidiserande bädd. Kinetik modellen är baserad på en redan existerande 

modell som från början är härledd för en medströmsförgasare, vilken innehåller kemiska 

reaktioner som liknar de som sker i en BFB-förgasare för biomassa. Uppehållstiden för gasen 

genom reaktorn skiljer sig dock mellan de två olika förgasningstyperna och därför har 

modellen kalibrerats genom att introducera en korrektionsfaktor för att modellen skall 

fungera för en bubblande fluidiserande bädd-förgasare och ge optimala resultat.    

Två olika uppsättningar av experimentell data har använts i jämförelsen mellan de två olika 

modellerna. Modellerna jämfördes genom att jämföra resultatet från den förutspådda 

gaskompositionen och oreagerad kol som finns vid utloppet från förgasaren vid olika 

ekvivalenskvoter (ER).  

Resultatet visar att modellen som endast tar hänsyn till kinetiken ger bäst överenstämmelse 

med den experimentell data som användes vid jämförelsen. En möjlig orsak till varför 

kinetikmodellen förutspår gaskompositionen bättre än den kombinerade modellen beror på 

att det finns högre koncentrationer av reaktanter tillgängligt för kemiska reaktioner i 

kinetikmodellen. Anledningen till varför det finns lägre koncentrationer av reaktanter i den 

kombinerade modellen beror på att bädden i denna modell antas vara uppbyggd av två olika 

faser enligt två-fas teorin av fluidisering. Båda dessa faser innehåller gaser, men den så 

kallade bubbelfasen antas vara fri från fasta partiklar. Därför sker kemiska reaktioner endast 

i den andra fasen eftersom kinetikmodellen endast tar hänsyn till reaktioner mellan gaser och 

solida partiklar. Modellen som endast innehåller kinetik antas endast vara uppbyggd av en 

fas, vilket gör att alla reaktanter är tillgängliga för att delta i kemiska reaktioner, högre andel 

av det kol som finns närvarande i förgasaren kan konverteras och högre gaskoncentrationer 

produceras.  Om gas till gas reaktioner implementeras i kinetikmodellen så är det möjligt att 

främst den kombinerade modellen ger bättre överensstämmelse med experimentell data. 
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1 INTRODUCTION  

World’s primary energy use is supplied by fossil fuels that are finite resources with adverse 

environmental impacts. An alternative fuel to fossil fuels is biomass that has lower 

environmental impacts and potential to supply large amounts of energy. In contrast to fossil 

fuels, biomass is also a renewable and sustainable fuel that is obtained from biological 

materials, such as wood, wood waste, charcoal and agricultural residues. The chemical energy 

in biomass fuels can be released or converted by three main thermochemical conversion 

methods: combustion, pyrolysis and gasification. Gasification is an energy efficient process to 

produce a gaseous mixture through partial thermal oxidation of biomass. This mixture is 

mainly composed of carbon monoxide (CO), hydrogen (H2), carbon dioxide (CO2) and traces 

of methane (CH4). The produced gaseous mixture, often called synthesis gas, can be used for 

heat production, generation of electrical power and further processed into chemicals or 

transport fuels. Gasification processes are carried out in gasifiers that can be of different 

types, a  relative old technology that has increased in interest to gasify biomass are fluidized 

bed (FB) gasifiers due to the concern for climate change. Two main types of FB gasifiers in 

use are circulating fluidized beds (CFB) and bubbling fluidized beds (BFB). The oldest 

commercial application of a BFB gasifier was developed by Fritz Winkler in 1921 and the 

synthesis gas produced from oxidation of coal was used to power gas engines. Advantages of 

fluidized beds include good gas-solids contact, excellent heat transfer characteristics and fuel 

flexibility, thereby being applicable to be used with biomass fuels that can differ greatly in 

both chemical and physical properties [1,2].  

Modell development is a great tool if there is an interest of how a process works and when 

more knowledge of a process is wanted in order to understand how a process works in more 

detail and how it might behave during different run conditions by changing e.g. pressure or 

temperature. A model of a certain process as in this thesis a bubbling fluidized gasifier can 

provide good knowledge of how a gasifier might behave and how the different physical 

aspects works during operation.  

The majority of published gasification models deals with coal gasification that includes both 

kinetic and hydrodynamic parameters. However, hydrodynamic models are commonly not 

included in the few published gasification models that deals with biomass. The existing 

models of biomass gasification in fluidized beds have been reviewed by Gómez-Barea and 

Leckner [3]. The hydrodynamic parameters affect both mass and heat transfer and this work 

will therefore investigate how the reaction kinetics in a fluidized bed gasifier is affected by 

including hydrodynamic parameters.  

Two models are set up in this thesis, one model (M1) consisting of an already existing kinetic 

model for biomass gasification that is based on the work done by Wang and Kinoshita [4]. 

The second model (M2) consists of the kinetic model from M1 combined with a 

hydrodynamic model. The hydrodynamic model is created from work done by Kunii and 

Levenspiel [5]. Hydrodynamic models by Kato and Wen [6], Radmanesh et al. [7], 

Khosandam et al. [8], and Sadaka et al. [9] have also been reviewed before the decision to 

proceed with the model by Kunii and Levenspiel were made. The reviewed hydrodynamic 
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models are all based on the two-phase theory but differ in assumptions and these models 

have been validated with the data that have been found. The aim of this thesis is to evaluate if 

the gas composition prediction of the kinetic model is improved when taking the 

hydrodynamics into account along with the kinetic reactions throughout the fluidized bed. 

The models are modelled in the computer software MATLAB.  

1.1 Purpose 

This thesis will describe the term “fluidization” in gasifiers by studying and comparing 

different models for the fluidization mechanism in bubbling fluidized bed gasifiers. The 

purpose is to investigate if the kinetic model accuracy in terms of predicting composition of 

produced gas will be improved by including a model that describes the hydrodynamics of 

fluidized beds. The two models will be implemented into the computer software MATLAB 

and results from the models will be validated and calibrated towards existing experimental 

data. 

1.2 Scope and Limitations 

 The data for validation are retrieved from literature 

 Only bubbling fluidized beds are considered in this thesis and circulating fluidized 

beds are thereby excluded. 

 Main focus of the literature review has been put into hydrodynamic models that are 

based on the two-phase theory of fluidization.  
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2 LITERATURE REVIEW 

The purpose with this part of the thesis is to give an understanding of how fluidization and 

gasification in bubbling fluidized beds works. Knowledge is retrieved and collected by 

studying available literature and published models on fluidized beds, biomass and coal 

gasification. 

2.1 Biomass 

Biomass is a carbonaceous biological material derived from living, or recently living species 

such as plants and animals. Biomass that is used for energy production is often plant based 

material such as wood and agriculture products. Biomass can however equally apply to both 

animal and vegetable derived material. Fossil fuels takes millions of years to form and this is 

not the case for biomass since plants use sunlight through photosynthesis to grow, biomass is 

considered as a renewable energy source. [2]     

When biomass is burned it releases carbon dioxide to the atmosphere as all fuel types does, 

however, as biomass grows through photosynthesis it has to absorb carbon dioxide from the 

atmosphere. Biomass is thus considered to be a “carbon-neutral” fuel since any burning of 

biomass does not add to the Earth´s carbon dioxide inventory. [2] 

Downsides of biomass are that it is bulky and cannot be stored, handled and transported with 

ease, such as gas or liquid fuels. This motivates the conversion of solid biomass into liquid or 

gaseous fuels with biochemical and/or thermochemical (e.g. gasification) processes for later 

use as energy or vehicle fuel. In the thermochemical conversion process the entire biomass is 

converted into gases for later use in chemical production or as a fuel in e.g. a power plant for 

energy production.  [1] 

2.1.1 Properties of Biomass 

Biomass is beside carbon, also composed of hydrogen, oxygen, nitrogen and also small traces 

of compounds, e.g. alkali and heavy metals. There are some properties of biomass that may 

have significant effect on the performance of gasifiers, such as moisture content, ash content, 

volatile compounds and particle size. [10] 

Fuels that contain moisture contents above 30% can make ignition difficult and the moisture 

reduces the calorific value of the product gas due to the need of evaporating the excess 

moisture in the fuels. A high level of moisture together with CO produces H2 by the water gas 

shift reaction which gives an increased level of H2 in the gas produced in the gasifier. An 

increased level of H2 in the gasifier will produce more CH4 by direct hydrogenation. The 

higher concentrations of H2 and CH4 in the product gas in the gasifier does not compensate 

for the energy loss for the moisture evaporation and yields a lower calorific value of the 

product gas. [10] 
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Fuels with ash content above 5% can become a problem during gasification due to that the 

oxidation temperature is often above the melting point of the biomass ash. The problem is 

often clinkering and is especially a problem when the biomass ash contain high amounts of 

alkali oxides and salts. [10] 

Volatile matter of biomass is the part of the biomass that is released as gaseous matter when 

biomass is heated. When biomass is heated it starts to decompose into volatile gases and 

solid char. Biomass has high volatile matter content, sometime up to 80%, compared with 

coal that has less than 20% of volatile matter content. [11]    

2.2 Gasification 

Gasification means incomplete combustion of a carbonaceous material and the reactions 

takes place in an oxygen-deficient environment that requires heat. Gasification yields a 

mixture of gases that is called synthesis gas or product gas, which consists primarily of 

carbon monoxide (CO), hydrogen (H2) and traces of methane (CH4). [12] 

Gasification and combustion are two thermochemical related processes, however, there is an 

important difference between them. Gasification converts solid or liquid feedstock into useful 

and convenient gaseous fuel or chemicals that can be burned to release energy or to produce 

chemicals by packing energy into chemical bonds in the synthesis gas. Gasification strips 

away carbon from the feedstock and instead adds hydrogen to it to produce gases with a 

higher hydrogen-to-carbon- ratio. Combustion on the other hand breaks the chemical bonds 

and releases the energy by oxidizing the hydrogen and carbon into water and carbon dioxide. 

[2] 

Biomass gasification processes includes typically the following steps that will be briefly 

discussed: 

 Drying 

 Pyrolysis 

 Partial combustion of some gases, vapours, and char  

 Gasification of decomposition products 

2.2.1 Drying 

Moisture content in biomass ranges from 30 to 60% but can reach to as high as 90% (e.g. 

cattle manure 88% and Water Hyacinth 95.3%). Water in biomass takes away extra energy 

from the gasifier when it has to be vaporised and this energy is not recoverable, therefore can 

biomass with high moisture content be a concern for energy applications. The moisture 

content of biomass is between 10 to 20% in most gasification systems in order to produce a 

synthesis gas with reasonably high heating value. Drying of biomass is thus required for the 

most biomass fuels before they can be gasified. As biomass enters the gasifier it will become 

completely dried as it receives heat from the bed material. [2] 
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2.2.2 Pyrolysis 

Pyrolysis involves the thermal breakdown of larger hydrocarbon molecules of biomass into 

smaller gas molecules with no major chemical reaction with any gasifying medium. Tar is an 

important product of pyrolysis that are made of hydrocarbons and free carbon, and is formed 

through condensation of the condensable vapours produced in the process. Tar can however 

become a great deal of difficulty when the gasification product is used in industries. [2] 

2.2.3 Gasification  

Gasification follows the pyrolysis process and involves chemical reactions among the 

hydrocarbons in fuel, steam, carbon dioxide, oxygen and hydrogen in the reactor, and 

chemical reactions among the produced gas. Char gasification is the most important reaction 

in the gasification stage. Char produced through pyrolysis of biomass does not have to be 

pure carbon, instead it can contain a certain amount of hydrocarbon including hydrogen and 

oxygen. [2] 

2.2.4 Combustion 

Gasification reactions are most of the time endothermic (i.e. heat absorbing). However, a 

certain amount of exothermic (i.e. heat releasing) (combustion reaction) is allowed in 

gasifiers in order to provide the required heat of reaction (unless the heat required is not 

provided externally) for heating, drying and pyrolysis. [2] 

2.2.5 Equivalence Ratio 

Equivalence Ratio (ER) is defined as the ratio between the actual oxidant/fuel ratio and the 

stoichiometric oxidant/fuel ratio. The reactor performance is greatly affected by this 

parameter. 

2.3 Fundamentals of Fluidization 

Fluidization is a process in which a gas or liquid is blown upwards through a bed of solid 

particles that are forced to behave like a fluid. If the velocity of the upward stream is high 

enough, the solid particles will become suspended in the gas or liquid and the bed is hence 

fluidized. [13] 

Unusual characteristics are inherited by fluidization and fluidized beds are one of the best 

used contacting methods due to the high surface area between fluid and solid per unit bed 

volume. The particles are well mixed and generate thus low temperature differences within 

the particles. [13] 

http://en.wikipedia.org/wiki/Hydrocarbons
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Fluidized beds are widely used commercially. They are for instance used for; food processing, 

gasification, power generation, chemical reactions and fuel production [13]. This thesis 

focuses on biomass gasification and bubbling fluidized bed gasifiers.  

2.3.1 Fluidized-Bed Gasifier 

Fluidized-bed gasifiers (FBG) are characterized by their fluidized bed that is made of granular 

solids and kept in semi-suspended condition (also called fluidized state). The medium used 

to fluidize the bed material is air, oxygen or steam or a combination of two of them. The 

process offers excellent mixing and temperature uniformity that reduces the risk of fuel 

agglomeration. [2]. 

Fuel particles are quickly mixed with the bed material and heated up to the temperature of 

the bed, resulting in a fast pyrolysis of the fuel. Gaseous materials with a component mix are 

produced and further gasification and tar-conversion reactions occur in the gas phase. 

Drying, pyrolysis and gasification takes place simultaneously and the residence time of gas in 

the system is short in comparison to other type of gasifiers. The residence time is the time it 

takes for gas to pass through the reactor from the bottom of the bed to the surface of the bed. 

[2] 

2.3.2 Bubbling Fluidized-Bed Gasifier 

The Bubbling Fluidized-bed Gasifier, or BFB as it is commonly abbreviated, was developed in 

1921 by Fritz Winkler and has been used commercially for coal gasification for many years. 

BFB is one of the most popular technologies for biomass gasification. [2] 

Biomass that is fed into the gasifier’s hot bed material is generally first crushed to a size less 

than 10 mm and the bed temperature is normally kept below 900 °C in order to avoid ash 

fusion and consequent agglomeration. Ashes that are generated inside the gasifier are 

drained from the bottom of the bed. The fluidizing medium enters the reactor through the 

distributor plates, whose primarily function is to distribute the fluidizing medium uniformly 

to the bed and prevent leaking of bed material into the chamber below. Common distributor 

plates are perforated- and porous plates. BFB gasifiers can operate at atmospheric pressure 

or elevated pressure and are grouped as low- or high- temperature types depending on the 

operating conditions.  The fluidization velocity of a BFB is normally maintained between 0.5-

1.0 m/s. [2] 

Gasifying medium is used in two stages. The first-stage is to maintain the desired 

temperature of the bed and the second-stage is above the bed in order to convert entrained 

hydrocarbons and unreacted carbon into useful gas. [2]   

A schematic diagram of a BFB is shown below. 
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Figure 1. Bubbling fluidized-bed biomass gasifier 

2.3.3 Fluidization Regimes 

When a fluid flows upward through a bed of fine particles the bed will start to behave 

differently as the velocity, gas and solid properties are varied. As the properties are varied, 

different fluidization regimes will form. The regimes which are discussed in this thesis are 

shown in Figure 2. 
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Figure 2. Different fluidization regimes. Adapted from Kunii and Levenspiel [3]. 

As a fluid is passed through a bed of fine particles at a low flow rate and merely percolates 

through the void space between the stationary particles, there occurs no fluidization. A bed at 

this state is called a fixed bed and is shown in Figure 2A. When the velocity of the fluid is 

increased, a point is reached where the frictional force between the particles and the fluid is 

equal to the weight of the particles and causes the particles to suspend in the bed. This is the 

onset of fluidization and it is called the minimum fluidization of a bed and it is illustrated in 

Figure 2B. As the flow is increased further, bubbles start to appear in the bed, this bubbling 

state of the fluidized bed is shown in Figure 2C. If the flow rate is increased sufficiently 

further, a point will be reached where the terminal velocity of the solids in the bed is 

exceeded. When this occurs the upper surface of the bed will disappear and instead of 

bubbles, there will be a turbulent motion of solid clusters and voids of gas of various sizes and 

shapes. This phenomenon is called a turbulent fluidization, shown in Figure 2D. Further 

increase of flow will yield a regime that is called pneumatic transport of solids where solids 

will be carried out of the bed with the fluid (not shown in Figure 2). In both turbulent and 

pneumatic transport there is a need for having a cyclone due to the large amount of particles 

that are entrained in theses regimes. The entrained particles have to be collected and 

returned to the bed for steady state operations. [13] 

2.3.4 Geldart’s Classification of Powders 

The particles used in fluidized beds affects the behaviour of the bed and their behaviour 

depends on primarily size and density [14]. Geldart [15] was able to come up with four clearly 

recognizable kinds of particle behaviour when observing the fluidization of different sorts 

and sizes of solids. Geldart’s classification of particles is displayed in Figure 3 and the groups 

are characterized by the density difference between the particles (𝜌𝑠) and the fluidizing 

medium (𝜌𝑔) and the mean particle size (�̅�𝑝). The graph shows the fluidization that can be 

expected by determing at which group the particles belongs to and the graph also helps to 

predict other properties such as bubble size and bubble velocity.  [16] 
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Figure 3. Geldart's classification of particles for ambient air conditions. Note that operating 
conditions above ambient may make powders appear in a different group than at ambient condition 
[13]. Reprinted from Fluidization Engineering, 2nd edition, Daizo Kunii and Octave Levenspiel, 
Fluidization and Mapping of Regimes, 61-94, Copyright (1991), with permission from Elsevier. 

The most obvious characteristics and types of solids of the groups are shortly presented 

below [16]. 

 Group A: Very suitable for fluidization and exhibits range of non-bubbling 

fluidization. Typical solids are cracking catalysts. 

 Group B: Gas bubbles appear at the minimum fluidization velocity. Typical solid is 

building sand. 

 Group C: Difficult to fluidize due to cohesive bed particles. Typical solids are flour and 

cement. 

 Group D: Coarse solids that require very high fluid energy to achieve fluidization. 

Typical solids are gravel and coffee beans. 

 

See Geldart [15] or Rhodes [16] for more extensive information about the different groups. 

2.3.5 Minimum Fluidization Velocity 

The superficial gas velocity at the point when the bed is fluidized is called the minimum 

fluidization velocity 𝑢𝑚𝑓 (sometimes referred as the velocity at incipient fluidization). This 

can be described by the Ergun equation which gives the pressure drop in gas flowing through 

a packed bed: 

 
Δ𝑃

ℎ
= 150

(1 − 𝜖𝑚𝑓)
2

𝜖𝑚𝑓
3  

𝜇𝑔𝑢𝑚𝑓

(𝜙𝑠𝑑𝑝)
2 + 1.75

1 − 𝜖𝑚𝑓

𝜖𝑚𝑓
3  

𝜌𝑔𝑢𝑚𝑓
2

𝜙𝑠𝑑𝑝
 (2.1) 
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in which Δ𝑃 is the pressure drop across the bed, which always is positive and h is the length 

of a fixed bed.  The particle sphericity 𝜙𝑠, is defined as the surface area of a sphere having the 

same volume as a particle divided by the surface area of the particle. 𝑑𝑝 is the particle 

diameter and 𝜌𝑔 is the density of the gas along with 𝜇𝑔 which is the viscosity of the fluid. [17] 

The minimum fluidization voidage, 𝜖𝑚𝑓, is often an unknown which becomes a problem since 

it is needed when applying the Ergun equation. The minimum fluidization voidage is often 

assumed to approximately 0.4 − 0.5 [1,13,18], however, Wen and Yu [19] developed for a 

range of particle types and sizes an expression which describes the minimum fluidization 

voidage based on experimental data with the following approximations: [17] 

1 − 𝜖𝑚𝑓

𝜙𝑠
2𝜖𝑚𝑓
3 ≅ 11 

1

𝜙𝑠𝜖𝑚𝑓
3 ≅ 14 

Wen and Yu [19] combined these approximations with the Ergun equation and obtained the 

following relation which gives Reynolds number at minimum fluidization: 

 𝑅𝑒𝑝,𝑚𝑓 =
𝑑𝑝𝑢𝑚𝑓𝜌𝑔

𝜇𝑔
= √𝐶1

2 + 𝐶2𝐴𝑟 − 𝐶1 (2.2) 

where 𝐴𝑟 is the Archimedes number, which is defined as: 

 𝐴𝑟 =
𝑑𝑝
3𝜌𝑔(𝜌𝑠 − 𝜌𝑔)𝑔

𝜇𝑔
2  (2.3) 

where 𝑔 is the standard gravity and 𝜌𝑠 is the density of the bed material.   

Kunii and Levenspiel [13] presents a table with different values for C1 and C2, where Wen and 

Yu [19] suggests the use of C1=33.7 and C2=0.0408, while Grace [20] instead suggests 

C1=27.2 and C2=0.0408. 

Kunii and Levenspiel [5] suggests the following equation to estimate the minimum 

fluidization voidage: 

 𝜖𝑚𝑓 = 0.586𝜙𝑠
−0.72 (

𝜇𝑔
2

𝜌𝑔𝑔(𝜌𝑝 − 𝜌𝑔)𝑑𝑝
3
)

0.029

(
𝜌𝑔

𝜌𝑝
)

0.021

 (2.4) 

The following equation was proposed by Kunii and Levenspiel [13] for the calculation of the 

minimum fluidization velocity for fine particles: 

 𝑢𝑚𝑓 =
𝑑𝑝
2(𝜌𝑠 − 𝜌𝑔)𝑔

150𝜇𝑔

𝜖𝑚𝑓
3 𝜙𝑠

2

1 − 𝜖𝑚𝑓
,    𝑅𝑒𝑝,𝑚𝑓 < 20 (2.5) 
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where the 𝑅𝑒𝑝,𝑚𝑓 is the Reynolds number for particles at minimum fluidization and defined 

as follows: 

 𝑅𝑒𝑝,𝑚𝑓 =
𝜌𝑔𝑑𝑝𝑢𝑚𝑓

𝜇𝑔
 (2.6) 

 

The minimum fluidization velocity can also be calculated by the following equation that 

Gupta and Sathiyamoorthy [21] proposes: 

 𝑢𝑚𝑓 =
𝑅𝑒𝑝,𝑚𝑓𝜇𝑔

�̅�𝑝𝜌𝑔
 (2.7) 

2.3.6 Terminal Velocity 

The velocity at which an object is falling with a constant velocity in a stagnant medium is an 

important parameter in fluidization and this velocity is referred to as the terminal velocity.  

A falling object reaches its terminal velocity when the sum of the drag force and buoyancy 

equals the downward force of gravity. An object in the bed will be carried upward with the gas 

stream and leave the bed if the upward gas velocity exerted on the object exceeds the terminal 

velocity since the drag force on the object hence surpasses the gravitational force. 

The terminal velocity provides thereby an upper bound that can be used to operate the 

fluidized bed in order to avoid transportation of particles out of the bed, while the minimum 

fluidization provides a lower bound. This range can be used as condition to be satisfied for 

proper bed operation (see below). 

𝑢𝑚𝑓 < 𝑢0 < 𝑢𝑡 

In calculating the terminal velocity 𝑢𝑡, the diameter of the smallest particles present in 

quantities in the bed should be used and the terminal velocity for a single particle can be 

obtained from the following equation which was proposed by Wen-Ching [14]: 

 𝑢𝑡 = √
4𝑑𝑝(𝜌𝑠 − 𝜌𝑔)𝑔

3𝜌𝑔𝐶𝐷
 (2.8) 

where 𝐶𝐷 is the drag coefficient obtained from experiments. Haider and Levenspiel [22] 

proposes the following correlation from a study on drag coefficients: 

 𝐶𝐷 =
24

𝑅𝑒𝑝
[1 + (8.1716𝑒−4.0655𝜙𝑠  )𝑅𝑒𝑝

0.0964+0.5565𝜙𝑠] +
73.69𝑒−5.0748𝜙𝑠 𝑅𝑒𝑝

𝑅𝑒𝑝 + 5.378𝑒
6.2122𝜙𝑠

 (2.9) 

where Reynolds number is calculated as: 
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 𝑅𝑒𝑃 =
𝜌𝑔𝑢𝑡𝑑𝑝

𝜇𝑔
 (2.10) 

The procedure to calculate the terminal velocity by the formulas above requires trial and 

error since 𝑢𝑡 is present in both 𝐶𝐷 and 𝑅𝑒𝑝. Expressions that give 𝑢𝑡 explicitly would 

therefore be useful and some of these expressions from Haider and Levenspiel [22] will be 

briefly presented. 

Two dimensionless quantities are used, these quantities are shown below and the first one is 

for terminal velocity 𝑢𝑡
∗ and the second one is particle diameter 𝑑𝑝

∗ .  

 𝑢𝑡
∗ = 𝑢𝑡 [

𝜌𝑔
2

𝜇𝑔(𝜌𝑠 − 𝜌𝑔)𝑔
]

1 3⁄

=
𝑅𝑒𝑝

𝐴𝑟1 3⁄
(
4

3

𝑅𝑒𝑝
𝐶𝐷

)
1 3⁄

 (2.11) 

 𝑑𝑝
∗ = 𝑑𝑝 [

𝜌𝑔(𝜌𝑠 − 𝜌𝑔)𝑔

𝜇𝑔
2 ]

1 3⁄

= 𝐴𝑟1 3⁄ = (
3

4
𝐶𝐷𝑅𝑒𝑝

2)
1 3⁄

 (2.12) 

A useful approximation for 𝑢𝑡
∗ is the following expression: 

 𝑢𝑡
∗ = [

18

(𝑑𝑝
∗)
2 +

2.335 − 1.744𝜙𝑠

(𝑑𝑝
∗)
0.5 ]

−1

,       0.5 < 𝜙𝑠 < 1 (2.13) 

2.4 Bubbling Fluidized Beds 

Bubbles in bubbling fluidized beds are very important in several aspects of the performance 

of the bed, bubble size affects for instance; bubble rise velocity, fractions of bubbles, solids 

mixing and mass transfer. This chapter will thus introduce the two-phase theory of 

fluidization that is often adapted in models and how bed properties can be estimated. 

2.4.1 The Two-Phase Theory of Fluidization 

Toomey and Johnstone [23] proposed in 1952 a simple description of the expansion of a 

bubbling fluidized bed, known as the two phase theory. This theory considers that bubbling 

fluidized bed consists of two phases: a bubbling phase and a particulate phase that is often 

referred as the emulsion phase.  The bubbling phase consists of gas bubbles, while the 

emulsion phase consists of fluidized solids surrounding the bubbles. 

The theory states that all gas in excess of that required for minimum fluidization passes 

through the bed as bubbles, while the emulsion phase remains stationary at minimum 

fluidizing conditions (i.e. essentially constant at 𝜖𝑚𝑓.) 

The two-phase theory can mathematically be expressed as: 
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𝐺𝑏
𝐴𝑐
= 𝑢 − 𝑢𝑚𝑓 (2.14) 

Where 𝐺𝑏 is defined as the visible bubble flow rate in a fluidized bed that crosses any cross 

section area 𝐴𝑐. The resulting velocity is approximated to be equal to the excess gas flow 

required for minimum fluidization. 

Several studies for larger beds (>30 cm) indicates that the assumptions of the two-phase 

theory are not well met in practice [13]. The two-phase theory do overestimate the volume of 

gas passing though the bed as bubbles and modifications and correction factors has been 

created to obtain a better consistency with experimental findings [16]. It has also been found 

that as gas velocity is raised above 𝑢𝑚𝑓, emulsion voidage will not stay at 𝜖𝑚𝑓 [13]. 

2.4.2 Bubbles in Fluidized Beds 

Bubbles in a fluidized bed are in fact gas pockets that are formed when gas is passed through 

a dense bed. When the gas rises upwards in the bed, regions of low solid density begins to 

appear, so called gas pockets which is commonly known as bubbles. The part of the bed that 

does not have a low solid density but in fact has a high solid density is called the emulsion 

phase. [13] 

The bubbles in a fluidized bed rises upwards through the bed to reach the surface, this 

motion of the upward rising bubbles enhances rapid and extensive particle mixing in the bed, 

thus promotes the uniformity of the bed properties e.g. heat and mass transfer. The bed 

height at fluidization or bed expansion is a function of the bubble-phase volume in the bed. 

[24]. Bubbles throughout the bed are classified either as fast or slow moving bubbles 

depending on whether the emulsion rises faster or slower than the bubbles. For slow-moving 

bubbles the emulsion gas rises faster than the bubbles, where the emulsion gas uses the 

bubbles as shortcuts during its way through the bed. Slow-moving bubbles does not have a 

surrounding gas cloud. [13]. Fast-moving bubbles within the fluidized bed carries with them 

a cloud of gas and particles which only circulates through the bubbles and does not exchange 

any of the gas or particles with their surroundings. This through-flow obstructs mixing within 

the bed and may cause elutriation of unreacted particles. Elutriation is a phenomenon that is 

caused by bursting bubbles at the bed surface, which throws particles into the space above 

the bed surface. [24] 

Prediction of bubble size in a bubbling bed can be quite difficult since bubbles are irregular in 

shape and vary greatly in size. Bubbles in a bed grows in size as they rise through the bed due 

to coalescence and bubbles in beds which consists of particles from the groups of A and B in 

the Geldart’s classification are typically spherical cap-shaped, but this is often ignored and 

the bubbles are assumed to have a spherical geometry. The part of the bubble that is often 

ignored is called the wake, the wake is formed at the bottom of the bubble due to solids that 

are carried inside the bubble as it rises through the bed. The wake is formed directly when the 

bubble forms at the bottom of the bed where it also picks up most of the solids. Figure 4 

shows an illustration of a bubble and its surroundings. 
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Figure 4. Schematic of bubble, cloud, wake and emulsion 

Solids in the wake are continuously shed and leaked as the bubble rise and there is thereby a 

continuous interchange of solids between the wake and emulsion that plays an important role 

in solids mixing in bubbling fluidized beds. Since the size can be hard to define, a mean 

bubble diameter 𝑑𝑏 for a spherical bubble is often used to represent the bubbles throughout 

the bed. The bubbles themselves include small portions of solids and investigations by 

Kobayashi et al. [25] and Hiraki & Kunii [26] have with different techniques found that 

bubbles contain 0.2-1.0% solids by volume. The fact that solids are present in bubbles are 

often ignored in models, but Kunii and Levenspiel points out that the particles dispersed in 

bubbles can although their small volume fraction have enormously influence on practical 

operations in which rapid kinetics occur. [13] 

Darton et al. [27] proposed the following relationship to calculate the variation of bubble 

sizes throughout the bed: 

 𝑑𝑏 =
0.54(𝑢0 − 𝑢𝑚𝑓)

0.4
ℎ0.8

𝑔0.2
 (2.15) 

where ℎ is the height over the distribution plate. The average bubble diameter 𝑑𝑏,𝑎𝑣𝑔 for the 

whole bed is defined as:  

 𝑑𝑏,𝑎𝑣𝑔 = (
1

𝐻
)∫ 𝑑𝑏

𝐻

0

𝑑ℎ (2.16) 

where 𝐻 is the total height of the bed. 

The bubble size at any height ℎ in the bed can be calculated for Geldart B and D solids from 

the following relationship proposed by Mori and Wen [28].  

 
𝑑𝑏𝑚 − 𝑑𝑏
𝑑𝑏𝑚 − 𝑑𝑏0

= 𝑒
−
0.3ℎ
𝐷𝑡  (2.17) 

This correlation was obtained from bed diameters of 7 t0 130 cm, minimum fluidization 

velocities of 0.5 to 20 cm/s and solid particle diameters of 0.006 to 0.045 cm. The values of 
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𝑑𝑏𝑚 and 𝑑𝑏0 can be calculated according to equations below and the mean bubble size 𝑑𝑏 at 

any height ℎ above the distributor plate can thereafter be solved explicitly by rearranging the 

relationship above. 

The maximum bubble size is given by:  

 𝑑𝑏𝑚 = 0.652[𝐴𝑐(𝑢0 − 𝑢𝑚𝑓)]
0.4

 (2.18) 

The initial bubble diameter depends upon distributor type and the relationship below is valid 

for porous plates: 

 𝑑𝑏0 = 0.00376(𝑢0 − 𝑢𝑚𝑓)
2

 (2.19) 

2.4.3 Bubble Rise Velocity 

Bubbles in fluidized beds behaves like bubbling liquids of low viscosity and the analogy 

between gas-liquid is hence commonly employed to illustrate behaviour of bubbles in 

fluidized beds. Davidson and Harrison [29] proposed from experiments the following 

expression for bubble rise velocity of a single bubble in relation to its bubble size: 

 𝑢𝑏𝑟 = 0.711√𝑔𝑑𝑏 ,      
𝑑𝑏
𝐷𝑡
< 0.125 (2.20) 

where  𝐷𝑡 is the diameter of the bed. The wall effects retard the rise of bubbles when 
 𝑑𝑏

𝐷𝑡
>

0.125 and in order to account for wall effects, Kunii and Levenspiel [13] suggest the following 

expression when 𝑑𝑏/𝑑𝑟 > 0.125: 

 𝑢𝑏𝑟 = [0.711(𝑔𝑑𝑏)
1
2] 1.2𝑒

−1.49
𝑑𝑏
𝐷𝑡 ,     0.125 <  

𝑑𝑏
𝐷𝑡
< 0.6 (2.21) 

The bed is not considered to be bubbling when   𝑑𝑏 𝐷𝑡⁄ > 0.6 and the bed is instead operating 

in the slugging regime. Slugging is a regime that occurs when the fluidized bed height is large 

in relation to the diameter, thereby providing enough time for bubbles to coalesce into bigger 

ones with diameters that corresponds to about 2/3 of the bed diameter (this regime occurs 

between bubbling and turbulent and it is not shown in Figure 2).  

The bubble rise velocity when many bubbles are present is affected by several factors and 

Davidson and Harrison [29] proposed the following expression for bubble rise velocity when 

other bubbles are present in the fluidized bed: 

 𝑢𝑏 = 𝑢𝑏𝑟 + (𝑢0 − 𝑢𝑚𝑓) = 𝑢0 − 𝑢𝑚𝑓 + 0.711√𝑔𝑑𝑏 (2.22) 

Kunii and Levenspiel [13] points out that large bubbles rise rapidly and small bubbles rise 

slowly. Other experiments in bubbling beds have indicated that almost all gas in excess of 

that required to fluidize the bed passes through the bed as bubbles, while emulsion phase 

remains close to minimum fluidizing conditions and this theory is used in the two-phase 

theory. 
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2.4.4 Fraction of Bed in Bubble Phase 

The fraction of the bed occupied by bubbles can be determined by the following relation: 

 𝛿 =
𝑢0 − 𝑢𝑚𝑓

𝑢𝑏
 (2.23) 

Kunii and Levenspiel [13] suggest in their K-L model the following expressions to determine 

the fraction of bed in bubbles, depending on whether the velocity of the bubbles in the bed is 

slow, intermediate or fast. 

For slow bubbles, or when  𝑢𝑏 < 𝑢𝑒 , 

 𝛿 =
𝑢0 − 𝑢𝑚𝑓

𝑢𝑏 + 2𝑢𝑚𝑓
 (2.24) 

where rise velocity of emulsion gas is calculated as: 

 𝑢𝑒 =
𝑢𝑚𝑓

𝜖𝑚𝑓
 (2.25) 

Regimes of intermediate bubbles with thick clouds or when 𝑢𝑚𝑓 𝜖𝑚𝑓 < 𝑢𝑏 < 5𝑢𝑚𝑓 𝜖𝑚𝑓 ⁄⁄ can 

roughly be represented as 

 𝛿 =

{
 

 
𝑢0 − 𝑢𝑚𝑓

𝑢𝑏 + 𝑢𝑚𝑓
      𝑤ℎ𝑒𝑛 𝑢𝑏 ≅ 𝑢𝑚𝑓 𝜖𝑚𝑓⁄

𝑢0 − 𝑢𝑚𝑓

𝑢𝑏
      𝑤ℎ𝑒𝑛 𝑢𝑏 ≅ 5𝑢𝑚𝑓 𝜖𝑚𝑓⁄

 (2.26) 

For fast bubbles, or when 𝑢𝑏 > 5𝑢𝑚𝑓 𝜖𝑚𝑓 ⁄ : 

 𝛿 =
𝑢0 − 𝑢𝑚𝑓

𝑢𝑏 − 𝑢𝑚𝑓
 (2.27) 

For vigorously bubbling beds, when 𝑢0 ≫ 𝑢𝑚𝑓 

 𝛿 =
𝑢0
𝑢𝑏

 (2.28) 

2.4.5 Bed Height 

Kunii and Levenspiel [13] proposes the following mass balance for the solids in the bed from 

which the bed height at various conditions can be determined:  

 𝐿𝑚(1 − 𝜖𝑚) = 𝐿𝑚𝑓(1 − 𝜖𝑚𝑓) = 𝐿𝑓(1 − 𝜖𝑓) (2.29) 

where 𝐿𝑚 is the height of a bed at rest (no fluidization), 𝐿𝑚𝑓 is the bed height at minimum 

fluidization condition and 𝐿𝑓 is the bed height at bubbling fluidization condition. Figure 5 

shows these three fluidization conditions with corresponding parameters.  
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Figure 5. Bed height at different fluidization conditions, left is bed at rest, middle is at minimum 
fluidization and the right is at bubbling bed condition. Reprinted with permission from Kunii and 
Levenspiel [30]. Copyright (1990) American Chemical Society. 

𝜖𝑚 and 𝜖𝑚𝑓 are the voidage of the bed at rest and at minimum fluidization condition. 

Experiments and observations has shown that rising bubbles throughout the bed contain very 

little amounts of solids, according to Kunii and Levenspiel [13] the solids inside the bubbles 

can be ignored, hence letting the 𝛿 be the fraction of bubbles in the bed and the average bed 

voidage can be written as follows: 

 𝜖𝑓 = 𝛿 + (1 − 𝛿)𝜖𝑚𝑓 (2.30) 

2.4.6 Freeboard  

Most fluidized beds have normally an open space above its bed surface, known as the 

freeboard. Solids that are carried upwards through the bed in bubble wakes are thrown into 

the freeboard when bubbles erupt at the surface of the bed. Some particles may disengage 

from the gas and return to the bed while some particles are carried out from the freeboard by 

the gas. It all depends on whether the fluid drag is greater than the gravitational force exerted 

on the particles, i.e., particles with terminal velocities lower than the superficial gas velocity 

in the freeboard are carried away. [1] 

The purpose of the freeboard is thus to prevent too large amounts of particles from being 

carried out the fluidized bed unit by the gas stream. 

The volume fraction of solids at various levels z in the freeboard can be determined with the 

following equation according to Lewis et al. [31]  

 1 − 𝜖𝑓𝑏 = (1 − 𝜖𝑓)𝑒
−𝑎𝑧 (2.31) 

The constant 𝑎 can be found in a graph presented in Kunii and Levenspiel [13]. This graph 

can be used in the following ranges: 
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𝑢0 ≤ 1.25 𝑚/𝑠,  𝑑𝑝 ≤ 800 𝜇𝑚 

The decay constant 𝑎 can then be determined as follows: 

 𝑎 =
1.8

𝑢0
 (2.32) 

2.4.7 Gas Transfer between the Fluidized-bed Phases 

In order to predict the behaviour of the fluidized bed at various operations, knowledge about 

how the gases passes through the bed by dispersion and interchange between bubble and 

emulsion phases is required. Gas flows directly from the emulsion phase into the bubble in 

slow cloudless bubbles and then back into the emulsion again. Whilst in fast clouded bubbles, 

the gas transfer occurs in two steps between emulsion and bubble: between emulsion and 

cloud, and between cloud and bubble. [13] 

Transfer of component A from bubble phase of volume 𝑉𝑏 can be defined by the following 

rate equations:  

 −
1

𝑉𝑏

𝑑𝑁𝐴𝑏
𝑑𝑡

=
𝑑𝐶𝐴𝑏
𝑑ℎ

= 𝐾𝑏𝑒(𝐶𝐴𝑏 − 𝐶𝐴𝑒) = 𝐾𝑏𝑐(𝐶𝐴𝑏 − 𝐶𝐴𝑐) = 𝐾𝑐𝑒(𝐶𝐴𝑐 − 𝐶𝐴𝑒) (2.33) 

Where 𝑁𝐴 is the number of moles A and 𝐶𝐴𝑏, 𝐶𝐴𝑐, 𝐶𝐴𝑒 are the mean concentrations of 

component A in bubble, in gas cloud and wake regions, and in the emulsion phase 

respectively. The coefficients 𝐾𝑏𝑒, 𝐾𝑏𝑐  and 𝐾𝑐𝑒 are of dimension s-1 and represents overall gas 

interchange between bubble and emulsion, between bubble and cloud, and between cloud 

and emulsion respectively. 

Kunii and Levenspiel [13] explains that the interchange coefficient 𝐾𝑏𝑒  can be interpreted as 

the flow of gas from bubble to emulsion with an equal flow in the opposite direction: 

 
𝐾𝑏𝑒 =

volume of gas from bubbles
to emulsion or from emulsion to bubbles
(volume of bubbles in the bed)(time)

 
(2.34) 

𝐾𝑏𝑐  and 𝐾𝑐𝑒 has similar meanings and the interchange coefficients follows the following 

relationship: 

 
1

𝐾𝑏𝑒
=

1

𝐾𝑏𝑐
+

1

𝐾𝑐𝑐
 (2.35) 

The interchange coefficient between bubble and cloud for fast clouded bubbles (𝑢𝑏𝑟 ≥

5𝑢𝑚𝑓 𝜖𝑚𝑓) ⁄ can be estimated by the following expression obtained by Kunii and Levenspiel: 

 𝐾𝑏𝑐 = 4.5 (
𝑢𝑚𝑓

𝑑𝑏
) + 5.85(

𝐷1 2⁄ 𝑔1 4⁄

𝑑𝑏
5 4⁄

) (2.36) 

where the coefficient  𝐷 represents molecular diffusion of gas. 
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Kunii and Levenspiel presents also the following expression to estimate the interchange 

coefficient between cloud and emulsion: 

 𝐾𝑐𝑒 = 6.77(
 𝜖𝑚𝑓𝐷𝑢𝑏𝑟

𝑑𝑏
3 )

1 2⁄

 (2.37) 

Some gasification model developers [32] considers cloud and emulsion as one region (see 

Figure 6A) and the overall interchange coefficient is thereby 𝐾𝑏𝑐. Other developers [7] 

considers the regions of bubble, cloud and emulsion separately (as shown in Figure 6C), 

which requires 𝐾𝑏𝑐  and 𝐾𝑐𝑒 in order to estimate the overall gas interchange coefficient 𝐾𝑏𝑒. 

 

Figure 6. Different approaches to divide bubble, cloud and emulsion into separate and merged 
regions. Adapted from Kunii and Levenspiel [11]. 
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2.5 BFB Hydrodynamic Models 

Bubbling fluidized bed hydrodynamic models are useful to give a deeper understanding of the 

behaviour of bubbling fluidized bed. Hydrodynamic models are used to predict and simulate 

the behaviour of new as well as old fluidized test rigs. Two mostly used modelling theories for 

the hydrodynamic in bubbling fluidized beds are shortly reviewed in this text.    

2.5.1 Bubbling Bed Model 

The bubbling bed model by Kunii and Levenspiel [5], or the K-L model as it is commonly 

referred to, is a two-phase model which aims to model the flow of gas through fluidized beds 

by modelling bubble phase, emulsion phase, and the gas interchange rate between these two 

phases. If the properties of the material in the bed along with minimum fluidization velocity 

and superficial gas velocity are known, then the effective bubble size is the only parameter in 

this model and all internal flows and interchanges in the bed are hence derived from it. The 

model considers the following assumptions [5]: 

 Bubble gas stays with the bubble as a cloud 

 Rise velocity and recirculation are functions of the bubble size 

 Each bubble drags a cloud with solids up through the bed which creates solid mixing 

in the bed 

 The bubbles are of one size and evenly distributed in the bed 

 The emulsion stays at minimum fluidizing conditions 

2.5.2 Bubble Assemblage Model 

The “Bubbling Bed Model” proposed by Kunii and Levenspiel [13] asserts that only the 

effective size of bubble is needed to describe the gas flow through a bed, this is considered as 

an oversimplification by Kato and Wen [6]. As Kato and Wen believes that the “Bubbling Bed 

Model” are based on oversimplifications they proposes their own model, the “Bubble 

Assemblage Model” [6]. The “Bubble Assemblage Model” considers that the bubbles rising 

through the bed grows in size with height with the following assumptions [4]: 

 The fluidized bed consists of 𝑛 compartments in a series. The size of each 

compartment is equal to the size of the bubble at corresponding location. 

 Each compartment consists of a bubble phase and an emulsion phase. 

 The bubbles are assumed to be spherical. 

 Gas interchange takes place between the two phases.  
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2.6 Aspen Plus 

Aspen (Advanced System for Process ENgineering) Plus is a process simulation software 

that was developed at the Massachusetts Institute of Technology (MIT) during the 70’s. 

Aspen Plus is widely accepted in chemical industry engineers due its ability to model and 

simulate steady-state processes. The tool contains several unit operation models and has 

many useful features, such as sensitivity analysis. However the imbedded library do not 

contain any BFB or CFB models so far, Aspen Plus also provides the opportunity to write own 

models when the built-in models do not meet the needs. The user model consists of one or 

more Fortran subroutines that can interact with built-in models. [33] 

2.7 Classification of Fluidized Bed Gasification Models 

The complicated processes in gasification require the development of mathematical models 

in order to study the thermochemical processes during gasification and to evaluate the 

influence of input variables. Variables of interest can for instance be hydrodynamic 

parameters, moisture content, air/fuel ratio, composition of produced gas and the calorific 

value of produced gas. These models can furthermore be used to optimize design and 

operation of fluidized bed gasifiers. Many models have been published with different names, 

categories and classifications depending on the purpose.  

Gómez-Barea and Leckner [3] have classified published gasification models in fluidized beds 

into three categories, based on the simplifications that the models have adopted to solve the 

fluid-dynamics. The categories are:  

 Computational fluid-dynamic models (CFDM) 

 Black-box models (BBM) 

 Fluidization models (FM) 

2.7.1 Computational Fluid-Dynamic Models (CFDM) 

In CDFM, several equations for conservation of mass, momentum, species and energy over a 

discrete region are solved simultaneous. Regions can be divided into elements for which 

equations describing quantities moving in and out of elements can be written with boundary 

conditions. The results from CFDM give detailed information of the fields in the reactor, such 

as distribution of temperature and concentration. CFDM for gasification consists normally of 

several submodels for operation of vaporization of biomass particles, pyrolysis and char 

oxidation. [2] 

CFD models of gas-solid systems are divided into two groups by van Wachem et al. [34], the 

groups are Lagrangian models and Eulerian models (see van Wachem et al. [34] for further 

information). The partial differential equations in CFDM are often nonlinear and these are 

discretized and solved numerically rather than analytically. This is done by utilizing 
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discretization methods such as finite volume, finite difference and finite element. Available 

commercial software is ANSYS, ASPEN, FLUENT, PHoenics and CFD2000. 

Computational fluid-dynamics (CFD) fluidized bed gasifiers are relative new and few trials to 

simulate fluidized bed biomass gasifiers by using CFDM have been reported. Much has to be 

added to CFD for FBG and the considerable computation time required for CFD 

computations needs be shorten. CFD offer promising expectations for modelling FBG. [3] 

2.7.2 Black-Box Models (BBM) 

Black-box model is a set of models in gasification reactors where the process are not resolved 

and the models consist of overall mass and heat balances over the reactor supported by 

assumptions to acquire knowledge about the material distribution in the gasifier. 

Assumptions and the complexity of BBM vary widely between different models of this type 

depending on the aim, from predicting the overall gasifier performance by applying simple 

mass and heat balances to predicting the gas and solid composition. The gasifier can be 

divided into black-box regions where specific processes are assumed to be dominant and 

models based on kinetics or equilibriums are applied. Models can be also based on empirical 

correlations to fit specific plants. [3] 

2.7.3 Fluidization Models (FM) 

FM is a mixture between BBM and CFDM and is up to date the best developed model type for 

fluidized bed gasifiers, hence most of the comprehensive models published within the subject 

of fluidized bed gasifier are using this type of modelling approach. FM omits the details of 

complex gas-solid dynamics but by assuming a multiphase pattern in the bed the fluid-

dynamic effects can still be maintained. To omit the details of complex gas-solid dynamics 

FM assumes that two (sometimes three) regions or phases exists in the bed. The phase or the 

region has a predefined topology which allows exchange of mass and heat between them. In 

FM the momentum equation is not solved and the fluid-dynamic pattern is described by 

semi-empirical correlations (i.e. a correlations which are partially empirical and partially 

theoretical). These correlations describes the dynamics of bubbles and particles in the bed, 

thus gives a proper closure for chemical reaction modelling. [3] 

Fluidization models for fluidized bed gasifiers are mostly assumed to be one dimensional, 

however, three dimensional models exist but are not as common as one dimensional models 

[35]. Fluidized bed reactor models are often named after their author e.g. Davidson-Harrison 

model [29], Kunii-Levenspiel model [13], but sometimes they are also named after the main 

features e.g. Bubble assemblage model by Kato and Wen [6] and countercurrent back mixing 

by Fryer and Potter [36]. [3]  

Gómez-Barea and Leckner [3] have not found any fundamental differences between the 

models mentioned earlier since they are all based on the essentials of fluid-dynamics e.g. 

bubble velocity, diameter of bubbles, fraction of bubbles in bed etc. and are applying similar 

correlations.   
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3 METHOD 

In order to fulfil the purpose of this thesis, a literature study have been performed on 

published works and papers to study model development and to gather suitable data for 

validation of the developed models. Hydrodynamic, kinetic and combined models have been 

modelled and validated in MATLAB. Microsoft Excel have been used to process input data 

and to analyse the results from the models. 

4 HYDRODYNAMIC VALIDATION AND GASIFIER MODELING 

Several articles with hydrodynamic models for bubbling fluidized beds have been collected to 

reproduce their hydrodynamic models, and experimental data have been sought in order to 

validate them. Validation is a necessary step in the process of developing models in order to 

check the quality of the result against experimental data and thereafter rewrite or optimize 

the model if the accuracy is not satisfying. The validation in this thesis is also used as decision 

support when deciding which hydrodynamic model to continue working with, aspects as 

model simplicity and execution time are beside accuracy also considered in the decision 

making. 

A kinetic model made by Wang and Kinoshita [4] has been adapted to model the kinetic part 

of the gasification process, representing M1. This kinetic model is further developed by 

adding hydrodynamic parameters that describes the condition of a bubbling fluidized bed 

and thereby affecting the kinetic parameters, this combined model represents M2.    

4.1 Validation of Hydrodynamic Models 

Many models that exist today are extensive and very specific since they are formulated to 

study a particular case. Key information and data required to generalize these models are 

often not published and these difficulties are confirmed by Abedi et al. [37]. It has proven to 

be very difficult to find satisfying experimental data for the hydrodynamics in bubbling 

fluidized beds. The models have therefore been validated with the limited data that have been 

found and received by request. 

In this thesis, the parameters of interest for validation are bed voidage, average bubble 

diameter, expanded bed height, minimum fluidization –and bubble rise velocity. Due to the 

difficulties in finding satisfying experimental data for model validation, only average bubble 

diameter, minimum fluidization –and bubble rise velocity were validated since experimental 

data could only be found for these parameters. 

The following five articles written by Kato and Wen [6], Khoshandam et al. [8], Kunii and 

Levenspiel [5], Radmanesh et al. [7], and Sadaka et al. [9] have complete hydrodynamic 
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models of type FM that are of interest for validation. These five models were implemented 

into MATLAB with experimental input data and the results from the models were validated 

towards the experimental data in the article written by Verma et al. [38]. This article contains 

suitable experimental data for validating a few hydrodynamic parameters. The data in this 

article are presented in graphs and data points have been extracted, the operation conditions 

together with experimental result are shown in Table 1 and 2. Extracting numerical data 

accurately from graphs is however difficult and the extracted data do not therefore exactly 

match the original data. 

The results of the validation can be seen in Table 1 and 2, which also shows the input 

parameters to the models. In Table 1, the parameters minimum fluidization velocity and 

average bubble diameter are compared against experimental data by varying the superficial 

gas velocity that is calculated with the minimum fluidization velocity. As shown in Table 1, 

only three of the models can be compared to the experimental data as will be discussed later, 

the models that can be compared are Sadaka et al., Radmanesh et al., and Kunii and 

Levenspiel. The models proposed by Sadaka et al. and Radmanesh et al. are nearly based on 

the same equations but with different constants, hence there are similarities in result. The 

results from the three models clearly deviate from the experimental result but the model by 

Kunii and Levenspiel gives the most accurate prediction of bubble size. Table 2 compares 

calculated bubble rise velocity through the bed against the measured bubble rise velocity 

from experiment. There are only three models that are in range for this comparison where 

Radmanesh et al. is quite close to the experimental bubble rise velocity at the lowest tested 

superficial gas velocity and Sadaka et al. is nearly the same as the experimental bubble rise 

velocity at the middle superficial gas velocity, but the remaining values deviates from the 

experimental data.      

Table 1. Result from validating models for 𝑢𝑚𝑓 and 𝑑𝑏,𝑎𝑣𝑔 towards data extracted from Vikrant et al. 

[38] 

Model input 
        

Fluidizing medium: Air Mean particle size: 0.1 cm 

Bed material: LLDPE Particle density: 800 kg/m3 

Bed diameter: 10 cm Particle bed height: 20 cm 

     
Result u0 at 1.25umf u0 at 1.5umf 

  umf [cm/s] db, avg [cm] umf [cm/s] db, avg [cm] 

Experiment 24 2.4 24 3.2 

Sadaka 15 1.3 15 1.3 

Radmanesh 18.1 1.3 18.1 1.8 

Kunii 17.4 1.7 17.4 2.3 

Kato Out of range for applicability 
 Khosandam Out of range for applicability   
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Table 2. Result from validating models for 𝑢𝑏,𝑎𝑣𝑔 towards data extracted from Vikrant et al.  [38] 

Model input 
      

Fluidizing medium: Air Mean particle size: 0.1 cm 

Bed material: Alumina Particle density: 1040 kg/m3 

Bed diameter: 10 cm Particle bed height: 20 cm 

    
Result (u0-umf)=17 cm/s (u0-umf)=32.5 cm/s (u0-umf)= 66 cm/s 

  ub,avg [cm/s] ub,avg [cm/s] ub,avg [cm/s] 

Experiment 45 52 72 

Sadaka 33.3 51 87.3 

Radmanesh 50.5 70.6 109.9 

Kunii 55.5 76.4 116.6 

Kato Out of range for applicability 
 Khosandam Out of range for applicability   

 

Two of the models could not be executed successfully with the experimental data due to 

violation of model assumptions. Equations in the bubble assemblage model by Kato and Wen 

are based on clouded or fast bubbles where the logical expression below is true, the model is 

thereby not applicable when the bed operation is not operated in this range. The bubble 

velocity can become smaller than 𝑢𝑚𝑓/𝜖𝑚𝑓 when large particles are used for fluidization since 

𝑢𝑚𝑓 increases with particle size, this was the case during the validation of the model. 

𝑢𝑏𝑟 ≥ 𝑢𝑚𝑓/𝜖𝑚𝑓 

The model by Khosandam et al. uses drag coefficients to estimate the minimum fluidization 

velocity and the derived drag coefficient equations that are presented are only applicable in 

certain ranges of the Reynolds number for the particles. The calculated Reynolds number in 

the model is outside the applicable ranges and the model cannot therefore be executed. 

The hydrodynamic equations in the bubbling bed model by Kunii and Levenspiel can be 

executed successfully. However, the gas interchange equations between two phases, which 

are required to use the model for heat transfer, mass transfer and reaction operations, are 

derived for vigorously bubbling bed having bubbles with negligible clouds. The logical 

expressions below are presented in their model to describe that kind of bed operation and the 

first condition was not met during the validation. 

𝑢𝑏 > 5𝑢𝑓 , 𝑜𝑜𝑟 𝑢0 > 2𝑢𝑚𝑓 

The inadequate availability of experimental data for hydrodynamics in bubbling fluidized 

beds leads to poor validation of the models. The validation is further hampered when some of 

the models cannot be used with the experimental data due to violation of model assumptions. 

It is thus difficult to conclude which model is most accurate, especially when only a few 

parameters and models are comparable. However, a choice was made to only use the model 
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by Kunii and Levenspiel because it is a well-documented and simple model, hence suitable to 

combine with the kinetic model by Wang and Kinoshita [4]. 

4.2 M1 – Kinetic Model 

The model by Wang and Kinoshita [4] has been adapted to estimate the composition of the 

synthesis gas that is produced in the gasifier. Giulio et al. [39] have used the model for a 

downdraft gasifier which has quite similar biomass gasification processes as fluidized bed 

gasifiers. The bed in a downdraft gasifier has distinctive reaction regions where different 

thermochemical conversion processes occurs, for e.g. drying, pyrolysis, combustion and char 

reduction. A fluidized bed gasifier has although no distinctive reaction regions in the bed and 

the residence time for gas is shorter than in a downdraft gasifier [40].  

Wang and Kinoshita’s model attempts to simulate biomass gasification on the kinetics of 

surface reactions where residence time and bed temperature has to be known. The biomass 

gasification reactions are controlled by the kinetics in the char reduction zone, which is a 

slower process in comparison to those in the other reaction regions. Volatiles and char are 

classified as the only products from flaming pyrolysis that occurs before the char reduction 

zone and these products are estimated and used as initial concentrations of the reactants in 

the char reduction region, which is the region that the kinetic model simulates. 

The similarities between the two types of gasifiers makes this model applicable for fluidized 

bed gasifiers as well, calibration to the residence time parameter is although necessary since 

it differs between the two types. Unlike other kinetic gasification models [41], Wang and 

Kinoshitas model is not completely based upon empirical correlations which makes it 

versatile for modelling other reactors, since models with empirical correlations often is 

created and calibrated to fit experimental data for a certain gasifying reactor. 

4.2.1 Assumptions 

The model is based on the following assumptions [4]: 

 Flaming pyrolysis occurs instantaneously and the only products are volatiles and char  

 Char is composed of 100% carbon 

 Residence time is known  
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4.2.2 Mathematical Model 

The model by Wang and Kinoshita is based on the following general reaction of gasification, 

starting from one mole of generic biomass 𝐶𝐻𝛼𝑂𝛽: 

𝐶𝐻𝛼𝑂𝛽 + 𝑦𝑂2 + 𝑧𝑁2 +𝑤𝐻2𝑂 

                              = 𝑥1𝐶 + 𝑥2𝐻2 + 𝑥3𝐶𝑂 + 𝑥4𝐻2𝑂 + 𝑥5𝐶𝑂2 + 𝑥6𝐶ℎ4 + 𝑥7𝑁2 

(4.1) 

where the parameters 𝛼 and 𝛽 for the biomass is determined from ultimate analysis of the 

feedstock. The letters 𝑦, 𝑧, 𝑤 are the moles of molecular oxygen, nitrogen and water per mole 

of biomass. These values are calculated from the intake of air and steam in addition to the 

moisture content and nitrogen in the biomass. The parameters 𝑥𝑗  are the molar number of 

the products of the gasification per mole of biomass and the initial values 𝑥𝑗,0 can be 

calculated by solving the linear system below. Subscript 𝑗 denotes the jth species. 

 𝑥2,0 = 0, 𝑥3,0 = 0, 𝑥7,0 = 𝑧  

 𝑥1,0 + 𝑥5,0 + 𝑥6,0 = 1 (4.2) 

 2𝑥4,0 + 4𝑥6,0 = 𝛼 + 2𝑤 (4.3) 

 𝑥4,0 + 2𝑥5,0 = 2𝑦 + 𝛽 + 𝑤 (4.4) 

Reactions that are considered in this kinetic model are listed below: 

R1: 𝐶 + 𝐶𝑂2  ↔ 2𝐶𝑂   (𝐵𝑜𝑢𝑑𝑜𝑢𝑎𝑟𝑑 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛)  

R2: 𝐶 + 𝐻2𝑂 ↔ 𝐻2 + 𝐶𝑂   ( 𝑊𝑎𝑡𝑒𝑟 − 𝑔𝑎𝑠 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛)  

R3: 𝐶 + 2𝐻2 ↔ 𝐶𝐻4    (𝑀𝑒𝑡ℎ𝑎𝑛𝑎𝑡𝑖𝑜𝑛 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛)  

R4: 𝐻2𝑂 + 𝐶𝐻4 ↔ 𝐶𝑂 + 3𝐻2   (𝑆𝑡𝑒𝑎𝑚 𝑟𝑒𝑓𝑜𝑟𝑚𝑖𝑛𝑔 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛)  

Wang and Kinoshita presents the following equations that are based on surface reactions to 

estimate the net reaction rate for each reaction listed above: 
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R1: −𝜈1 = 𝑘𝑎1
𝑥5 − 𝑥3

2 𝑃𝑥𝐾𝑝1⁄  

∑(𝐾𝑗 + 1 𝑝⁄ )𝑥𝑗
 (
𝑥1,0
𝑥1
)
1 3⁄ 𝑥1

𝜌𝑐𝑑𝑝,𝑐
    (4.5) 

R2: −𝜈2 = 𝑘𝑎2
𝑥4 − 𝑥2𝑥3 𝑃𝑥𝐾𝑝2⁄  

∑(𝐾𝑗 + 1 𝑝⁄ )𝑥𝑗
 (
𝑥1,0
𝑥1
)
1 3⁄ 𝑥1

𝜌𝑐𝑑𝑝,𝑐
    (4.6) 

R3: −𝜈3 = 𝑘𝑎3
𝑥2
2 − 𝑥6𝑃𝑥 𝐾𝑝3⁄  

𝑃𝑥∑(𝐾𝑗 + 1 𝑝⁄ )𝑥𝑗
 (
𝑥1,0
𝑥1
)
1 3⁄ 𝑥1

𝜌𝑐𝑑𝑝,𝑐
 (4.7) 

R4: −𝜈4 = 𝑘𝑎4
𝑥4𝑥6 − 𝑥2

3𝑥3 𝑃𝑥
2𝐾𝑝4⁄  

𝑃𝑥∑(𝐾𝑗 + 1 𝑝⁄ )𝑥𝑗
 (
𝑥1,0
𝑥1
)
1 3⁄ 𝑥1

𝜌𝑐𝑑𝑝,𝑐
 (4.8) 

where 𝜈𝑖  is net reaction rate, 𝐾𝑝𝑖 is the equilibrium constant, 𝑘𝑎𝑖 is the apparent rate constant 

for the ith reaction, 𝑥1,0 is the initial molar number of atomic carbon at the beginning, 𝜌𝑐 is 

the density of carbon, 𝑑𝑝,𝑐 is the equivalent diameter of the char particles and 𝑃𝑥 is calculated 

as follows: 

 𝑃𝑥 =
1

𝑝
∑𝑥𝑗

7

𝑗=2

  (4.9) 

where 𝑝 is the pressure in the gasifier. 

The apparent rate constant 𝑘𝑎𝑖 is calculated with the Arrhenius equation (4.10) (shown 

below) where 𝐴𝑖 is a pre-exponential factor and 𝐸𝑎𝑖  is the activation energy for the ith 

reaction, both are listed in Table 3. 𝑅 is the universal gas constant and 𝑇 is the absolute 

temperature.  

 𝑘𝑎𝑖 = 𝐴𝑖𝑒
−𝐸𝑎𝑖 𝑅𝑇⁄     (4.10) 

Table 3. Apparent rate constants [4]. Reprinted from kinetic model of biomass gasification, vol 51, Y. 
Wang and C.M. Kinoshita, pages 19-25, copyright(1993), with permission from Elsevier.  

Reaction i Ai [s
-1] Eai [kJ/mol] 

1 3.616 x 101 77.39 

2 1.517 x 104 121.62 

3 4.189 x 10-3 19.21 

4 7.301 x 10-2 36.15 
 

The equilibrium constant 𝐾𝑝𝑖 can be found by using Gibbs standard-state free energy 

equation (4.11) (shown below). Rewriting Gibbs equation and solve for 𝐾𝑝𝑖 [42] yields the 

following:  
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Gibbs Δ𝐺𝑖
0(𝑇) = 𝑅𝑇 ln𝐾𝑝𝑖 (4.11) 

R1: 
Kp1 = 𝑒

−(2
�̅�𝐶𝑂
0 (𝑇)
𝑅𝑇

−
�̅�𝐶𝑂2
0 (𝑇)

𝑅𝑇
−
�̅�𝐶
0(𝑇)
𝑅𝑇

)

 
(4.12) 

R2: 
Kp2 = 𝑒

−(
�̅�𝐶𝑂
0 (𝑇)
𝑅𝑇

+
�̅�𝐻2
0 (𝑇)

𝑅𝑇
−
�̅�𝐻2𝑂
0 (𝑇)

𝑅𝑇
−
�̅�𝐶
0(𝑇)
𝑅𝑇

)

 
(4.13) 

R3: 
Kp3 = 𝑒

−(
�̅�𝐶𝐻4
0 (𝑇)

𝑅𝑇
−2
�̅�𝐻2
0 (𝑇)

𝑅𝑇
−
�̅�𝐶
0(𝑇)
𝑅𝑇 )

 
(4.14) 

R4: 
Kp4 = 𝑒

−(
�̅�𝐶𝑂
0 (𝑇)
𝑅𝑇

+3
�̅�𝐻2
0 (𝑇)

𝑅𝑇
−
�̅�𝐻2𝑂
0 (𝑇)

𝑅𝑇
−
�̅�𝐶𝐻4
0 (𝑇)

𝑅𝑇
)

 
(4.15) 

where superscript 0 represents atmospheric pressure. 

Sharma [42] have used the NASA polynomial for data of JANAF thermochemical tables to 

determine the constants 𝐴𝑔𝑗 − 𝐺𝑔𝑗  listed in Appendix A. The constants are used in the 

following equation which is used for each species in the equations above: 

 
�̅�𝑗
0(𝑇)

𝑅𝑇
= 𝐴𝑔𝑗 +𝐵𝑔𝑗𝑇 + 𝐶𝑔𝑗𝑇

2 +𝐷𝑔𝑗𝑇
3 + 𝐸𝑔𝑗𝑇

4 +
𝐹𝑔𝑗

𝑇
+ 𝐺𝑔𝑗 ln 𝑇 (4.16) 

The adsorption constant 𝐾𝑗 is related to removal of a substance and the constants used in this 

thesis are presented in Table 4. The constants for carbon dioxide (𝐶𝑂2), steam (𝐻2𝑂), carbon 

monoxide (𝐶𝑂) and hydrogen (𝐻2) were taken from Everson et al. [43] at a temperature of 

1173K. Carbon (𝐶)  is the only solid in the reactions, thus the adsorption constant for carbon 

is set to zero. The adsorption constant for Nitrogen (𝑁2) is zero since nitrogen is considered 

to be inert. Nitrogen influences however the conversion ratio in biomass gasification by (a) 

diluting the reactant concentrations and hence decreasing the reaction rates; (b) inhibiting 

the reactions since nitrogen molecules may cover some active sites on the char surface; and 

(c) reducing residence time since nitrogen in the reactants increases superficial gas velocity 

[4]. 

Table 4. Adsorption constants 

Species j Kj [Pa-1] Reference 

C 0.00 
 H2 7.59 [43] 

CO 2.60 x 10-5 [43] 

H2O 6.50 x 10-5 [43] 

CO2 1.98 x 10-9 [43] 

CH4 0.00 
 N2 0.00   
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In the four reactions mentioned earlier there are seven chemical species which are named 

𝑥𝑗 in the equations above. Since 𝑥𝑗 is unknown for every species Wang and Kinoshita [4] 

proposes the following differential equations to determine them, each species is listed with 

corresponding 𝑥𝑗 below. This system of differential equations is solved numerically with the 

Runge-Kutta 4th order method: 

C 
𝑑𝑥1
𝑑𝑡

= 𝜈1 + 𝜈2 + 𝜈3 (4.17) 

H2 𝑑𝑥2
𝑑𝑡

= −𝜈2 + 2𝜈3 − 3𝜈4 
(4.18) 

CO 𝑑𝑥3
𝑑𝑡

= −2𝜈1 − 𝜈2 − 𝜈4 
(4.19) 

H2O 𝑑𝑥4
𝑑𝑡

= 𝜈2 + 𝜈4 
(4.20) 

CO2 𝑑𝑥5
𝑑𝑡

= 𝜈1 
(4.21) 

CH4 𝑑𝑥6
𝑑𝑡

= −𝜈3 + 𝜈4 
(4.22) 

N2 
𝑑𝑥7
𝑑𝑡

= 0 (4.23) 

The input to the model and an overview of the program scheme is shown in the figure below 
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Start

Input
Initial amount of species 
after flaming pyrolysis, x
Residence time, tres
Reactor pressure, P
Reactor temperature, T
Particle density of char, ρc
Particle size of char, dp,c

Calculate 
equilibrium 

constants, Kp

Calculate 
apparent rate 
constants, ka

Calculate gas 
composition, x

t < tres End

Yes No

t = t + dt

 

Figure 7. Computational algorithm of M1 
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4.2.3 Calibration of Kinetic Model  

The kinetic model by Wang and Kinoshita that have been used by Giulio et al. [39] for a 

downdraft gasifier model needs to be calibrated in order to be able to use it for bubbling 

fluidized bed gasifiers. Data for modeling and calibrating the model was retrieved from 

experiments on biomass gasification in bubbling fluidized beds published by Narváez et al. 

[44] and Turn et al. [45].  

Calibration was made to the residence time parameter by implementing a time correction 

factor since fixed bed gasifiers has a longer residence time than bubbling fluidized bed 

gasifiers. By varying the time correction factor for the kinetic model at different operation 

conditions and comparing the result towards the experimental data, a time correction factor 

that gave best agreement with the experimental data from respective article could be found.  

Input to the model is initial molar amounts of the products from pyrolysis that are derived 

from ultimate analysis of the fuel and gasifying medium flow rate by using equations (4.1 - 

(4.4. Both experiments were operated at different equivalence ratio (ER) and the calibration 

was thus performed at different ER-values and time correction factors.  

The predicted yield from the kinetic model was compared to the yield of the experimental 

fluidized bed gasifier by estimating the overall error of the model predicting composition all 

major species (OEj). The overall error is calculated with the following equation:  

 
OEj =

√
∑ (

𝜏𝑗,𝑝𝑟𝑒𝑑 − 𝜏𝑗,𝑒𝑥𝑝
𝜏𝑗,𝑒𝑥𝑝

)
2

  𝜃
𝑗=1

𝜃
 

(4.24) 

where 𝜏𝑗,𝑝𝑟𝑒𝑑  is the predicted value and 𝜏𝑗,𝑒𝑥𝑝 is the experimental value that the predicted 

value should be compared with, 𝑗 and 𝜃 are species and the number of species, respectively.   

4.2.3.1 Narváez et al. 

The effects of six operational variables on the quality of raw gas in a small atmospheric 

bubbling fluidized bed gasifier have been investigated by Narváez et al. [44]. Pine sawdust is 

used as feedstock and air is the gasifying agent. They have concluded that ER is perhaps the 

most important factor in air gasification of biomass since it affects reactor temperatures and 

thereby tar yield, composition, and calorific value of the flue gas. 

The table below shows the estimated molar numbers for the species after pyrolysis that have 

been derived and used as input to the kinetic model. Other required variables such as: 

temperature, pressure and residence time at respective ER-value for the kinetic model have 

been retrieved from tables in Narváez et al. [44]. 
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Table 5. Input to kinetic model ,derived from Narváez et al. [44] 

ER 0.47 0.37 0.32 0.26 

x1 0.35689 0.41555 0.41689 0.43924 

x2 0 0 0 0 

x3 0 0 0 0 

x4 0.99568 0.83453 0.88701 0.80879 

x5 0.59742 0.48010 0.47742 0.43272 

x6 0.04569 0.10435 0.10569 0.12804 

x7 2.00371 1.37983 1.36555 1.12782 
 

Figure 8 shows how the time correction factor affects the predication of gas composition 

yield. The average OEj changes by increasing the time correction factor of the predicted 

composition yield when input from Narváez et al. is used in M1. This figure shows that the 

time correction factor has a major impact on the composition yield and increasing the 

correction factor too much will result in less good prediction of gas composition (which is 

more clearly shown in Figure 9).  

 

 

Figure 8. Overall error in predicting composition of all major species  

OEj at different ER-values by varying the time corrector factor are shown in Figure 9 together 

with the averaged OEj for all ER-values. The figure shows that an ER of 0.37 gives the overall 

lowest OEj, and the highest is achieved with an ER-value of 0.26. A time correction factor of 

approximately 160 gives the lowest OEj when taking the average of all four ER at the time 
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correction factors that have been tested. This time correction factor were thus chosen as final 

correction factor when executing the model with data from Narváez et al.  

 

Figure 9. Overall error in predicting composition of all major species for all ER-values with different 
time correction factors  

The next figure shows the experimental and predicted molar fractions of the species at 

different ER-values and without a time correction factor.  

 

Figure 10. Molar fraction of species at different ER-values with no time correction factor 

More accurate predicted molar fractions were yielded when the chosen time correction factor 

of 160 is used, as shown in the figure below. 
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Figure 11. Molar fraction of species at different ER-values with a time correction factor of 160 

Figure 10 and Figure 11 shows the molar fraction of the gas species with and without time 

correction factor. By comparing the figures it is clearly shown how significant the time 

correction factor is and how it affects the accuracy of the predicted gas yield when introduced 

into M1 for Narváez et al. 

4.2.3.2 Turn et al. 

Hydrogen production from biomass in a bench scale fluidized bed gasifier has been 

experimentally studied by Turn et al. [45]. The effects of reactor temperature, ER and steam 

to biomass ratio were determined by performing parametric experiments. Sawdust was used 

as feedstock and oxygen, nitrogen and steam were used as fluidizing agents. Their study 

showed that the hydrogen yield potential proved to be most sensitive to ER. 

The table below shows the estimated molar numbers for the species after pyrolysis that have 

been derived and used as input to the kinetic model. Temperature, pressure and residence 

time at respective ER-value for the kinetic model have been retrieved from tables in Turn et 

al. [45]. 
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Table 6. Input data to kinetic model, derived from Turn et al. [45] 

ER 0.37 0.28 0.18 0.09 

x1 0.34557 0.38095 0.41634 0.45011 

x2 0 0 0 0 

x3 0 0 0 0 

x4 3.03103 2.96025 2.88948 2.82193 

x5 0.51653 0.44576 0.37499 0.30744 

x6 0.13790 0.17329 0.20867 0.24245 

x7 0.28951 0.39567 0.50183 0.60316 
 

OEj of predicted gas yield with data from Turn et al. is shown Figure 12 and the OEj for 

different ER decreases with increasing time correction factor until becoming constant at 

factors above 40. The minimum deviation for all different ER is achieved at a time correction 

factor of 48 and were thus used when executing the models with data from Turn et al. 

increasing the time correction factor above 48 do not increase prediction accuracy but results 

instead in 100% char conversion.  

 

Figure 12. Overall error in predicting composition of all major species 

The same pattern as in Figure 12 is shown in Figure 13 that shows OEj for the gas species. The 

OEj decreases with increasing time correction factor for hydrogen (H2) and methane (CH4), 

hence gives better prediction of the gas yield, but for carbon monoxide (CO) and carbon 

dioxide (CO2) the case is different since the OEj increases.  
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Figure 13. Overall error in predicting composition of all major species for all ER-values with 
different time correction factors 

The next figure shows the experimental and predicted molar fractions of the species at 

different ER-values and without a time correction factor.  

 

Figure 14. Molar fraction of species at different ER-values with no time correction factor 

The agreement between the experimental and model results for gas composition is poor and 

a better agreement is achieved by utilizing the time correction factor of 48, as shown in 

Figure 15. 
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Figure 15. Molar fraction of species at different ER-values with a time correction factor of 48 

4.3 M2 – BFB Gasifier Model 

A bubbling fluidized bed model gasifier has been created in this thesis. The model started out 

as the bubbling bed model created by Kunii and Levenspiel [5] to describe the 

hydrodynamics of the fluidized bed. Correlations for minimum fluidization operation of the 

bed have been included, which are required in order to estimate other hydrodynamic 

parameters. Gas interchange and freeboard equations have also been added to the model.  

The bubbling bed model created in this thesis considers that the riser has been divided into 

two different zones: the bottom zone representing the bubbling fluidized bed and the top 

zone represents the freeboard zone. The two zones are broken down into one-dimensional 

axial compartments with equal heights and the bubbling fluidized bed has been subdivided 

into two phases: bubble and emulsion phase. The bubble phase is considered to be solid free 

and all reactions occur thereby in the emulsion phase where the solids are present. Gas 

exchange between bubble and emulsion phase is also considered. An overview of the 

compartment structure of the model is shown in Figure 16.   
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Figure 16. Compartment structure of the model 

Wang and Kinoshita’s kinetic model requires the residence time for the gas through a fixed 

bed to be known and the time correlation factor derived from calibration of the kinetic model 

is used in this model as well.  

The freeboard region is not considered solid free or inert as other published articles have 

assumed [7,32], equation (2.31) has instead been applied for modelling the solid drop off in 

the freeboard, the same equation has been used in the model by Nikoo [18]. Wang and 

Kinoshita’s kinetic model have also been used to represents the reactions in the freeboard. 

4.3.1 Assumptions 

The combined model (M2) is based on the following assumptions besides the assumptions of 

the kinetic model (M1): 

 The riser is divided into two zones: bed and freeboard 

 The riser is one-dimensional and any variations are considered to occur in the axial 

direction 

 The bed is made up of two phases: bubble and emulsion phase. The bubble phase is 

considered to be both free of solid particles and inert. The emulsion phase is formed 

from both gas and solids and chemical reactions occur in this phase. 

 The freeboard and the bed is divided into a finite number of compartments where 

hydrodynamic parameters, reaction kinetics and gas interchange are calculated 

 The temperature in the bed is assumed to be uniform due to high solid mixing and the 

freeboard zone is assumed to have the same temperature as the bed. It is assumed to 

be an isothermal operation 
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 The superficial gas velocity increases due to gas production from gas-solid reactions 

 The gaseous species are assumed to be perfectly mixed and ideal due to high reactor 

temperature and low pressure 

 The size of bubbles increases due to coalescence of bubbles rising through the bed 

 Voidage in emulsion phase is equal to voidage at minimum fluidization 

4.3.2 Mathematical One-dimensional Model 

The reactor consists of the bubbling fluidized bed zone and the freeboard zone. Each zone 

consists of a finite number of compartments where variations of hydrodynamic parameters 

and concentrations only occur in the axial direction.  

Parameters describing the minimum fluidization condition of the bed are used in several 

hydrodynamic equations (see Table 7) and both the gas density and viscosity is necessary for 

these equations. 

The gas density is calculated assuming ideal gas behaviour: 

 𝜌𝑔 =
𝑝

𝑅𝑇
(∑𝑦𝑗

7

𝑗=2

𝑀𝑊𝑗) (4.25) 

where 𝑀𝑊𝑗 is molecular weight (Appendix B) and 𝑦𝑗 is mole fraction of the jth species that in 

this thesis is defined as follows: 

 𝑦𝑗 ≡
�̇�𝑗

∑ �̇�𝑗
7
𝑗=2

 (4.26) 

where �̇�𝑗 is molar flow. 

The viscosity of the gas mixture can be calculated by the following semi-empirical equation 

with reasonable accuracy at low or moderate pressures [46]: 

 𝜇𝑔 =
∑ 𝑦𝑗
7
𝑗=2 𝜇𝑗(𝑀𝑊𝑗)

1 2⁄

∑ 𝑦𝑗
7
𝑗=2 (𝑀𝑊𝑗)

1 2⁄
 (4.27) 

The viscosity 𝜇𝑗 of all gas species is calculated by equations (4.28) - (4.33) that have been 

derived from tabular data of thermophysical properties from the homepage of National 

Institute of Standards and Technology (NIST) [47]. The equations have been extrapolated for 

higher temperatures and the equations are applicable for a pressure at 1 atm and 

temperatures higher than 400 K. 
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 𝜇𝐻2 = 0.1859𝑇
0.6793 ̇ ∙ 10−5 (4.28) 

 𝜇𝐶𝑂 = 0.34𝑇
0.6951 ∙ 10−5 (4.29) 

 𝜇𝐻2𝑂 = 0.0183𝑇
1.1035 ∙ 10−5 (4.30) 

 𝜇𝐶𝑂2 = 0.1782𝑇
0.7892 ∙ 10−5 (4.31) 

 𝜇𝐶𝐻4 = 0.1536𝑇
0.7569 ∙ 10−5 (4.32) 

 𝜇𝑁2 = 0.4332𝑇
0.6601 ∙ 10−5 (4.33) 

The superficial gas velocity is not constant throughout the reactor and increases instead due 

to gas production from gas-solid reactions, the superficial gas velocity can be calculated from: 

 𝑢0 =
∑ �̇�𝑗
7
𝑗=2 𝑀𝑊𝑗

𝜌𝑔𝐴𝑐
 (4.34) 

Residence time for the gas in each compartment is defined as compartment height divided by 

superficial gas velocity. 

Drying and pyrolysis are considered as instantaneous phenomena at the feeding point and 

the initial molar numbers of the gasification are used as input to the model, which are 

calculated according equation (4.1) - (4.4). According to the two-phase theory of fluidization, 

the bed is divided into an emulsion and a bubble phase and the gas flow entering the reactor 

at superficial gas velocity is split into the two phases.  

The gaseous species are assumed to be perfectly mixed and the following molar flow ratios 

between the gaseous species can hence be derived, using initial molar flow of H2O as 

reference species. Carbon is omitted due to it being a solid.  

 
𝐴 =

�̇�2,0
�̇�4,0

, 𝐵 =
�̇�3,0
�̇�4,0

, 𝐶 =
�̇�5,0
�̇�4,0

, 𝐷 =
�̇�6,0
�̇�4,0

, 𝐸 =
�̇�7,0
�̇�4,0

, 1 =
�̇�4,0
�̇�4,0

  
(4.35) 

The molar flow ratios can further be used to setup the following equations to calculate the 

superficial gas velocity of emulsion and bubble phase: 

 𝑢𝑒 =
1

𝜌𝑔𝐴𝑐
 �̇�4,𝑒(𝐴 ∙ 𝑀𝑊2 + 𝐵 ∙ 𝑀𝑊3 + 1 ∙ 𝑀𝑊4 + 𝐶 ∙ 𝑀𝑊5 + 𝐷 ∙ 𝑀𝑊6 + 𝐸 ∙ 𝑀𝑊7) (4.36) 

 
𝑢𝑏 =

1

𝜌𝑔𝐴𝑐  
 �̇�4,𝑏(𝐴 ∙ 𝑀𝑊2 + 𝐵 ∙ 𝑀𝑊3 + 1 ∙ 𝑀𝑊4 + 𝐶 ∙ 𝑀𝑊5 + 𝐷 ∙ 𝑀𝑊6 + 𝐸 ∙ 𝑀𝑊7) 

(4.37) 

where �̇�4,𝑒 is molar flow of H2O in emulsion phase and �̇�4,𝑏 is molar flow of H2O in bubble 

phase. Emulsion phase velocity is calculated with equation (2.5) since the two-phase theory is 

applied, which states that 𝑢𝑒 = 𝑢𝑚𝑓. The bubble rise velocity is calculated as 𝑢𝑏 = 𝑢0 − 𝑢𝑒. 

The unknown variables to solve in the equations are the molar flow of H2O and solutions to 

the equations are found in an iterative process by utilizing the numerical method Newton-
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Raphson. Molar flow of the remaining species and phase can thereafter be calculated with the 

relationships presented in equation (4.35). 

The axial variation in species concentrations in both phases in the bed can be described by 

the following differential equations which have been slightly altered from those presented by 

[48]. Hydrodynamic parameters, gas interchange coefficient and reaction kinetics are taken 

into account in these molar balance equations. 

 
𝑑𝑛𝑏,𝑗

𝑑𝑧
=
𝐾𝑏𝑒
𝑢𝑏

(𝑛𝑒,𝑗 − 𝑛𝑏,𝑗) (4.38) 

 𝑑𝑛𝑒,𝑗

𝑑𝑧
=
𝐾𝑏𝑒𝛿

𝑢0
(𝑛𝑏,𝑗 − 𝑛𝑒,𝑗) +

𝜖𝑚𝑓(1 − 𝛿)

𝑢0 

𝑑𝑥𝑗

𝑑𝑡
  

(4.39) 

The first term of the right hand side represents the exchange of gas between the emulsion 

and bubble phase, which is driven by concentration gradients. The second term in the second 

equation accounts for generation or consumption of the jth species due to chemical reactions.  

Table 7 lists all hydrodynamics equations that were used in the model.  
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Table 7. Hydrodynamic parameters used in this study 

Parameter Correlation Reference 

Minimum fluidization 
voidage 

𝜖𝑚𝑓 = 0.586𝜙𝑠
−0.72 (

𝜇𝑔
2

𝜌𝑔𝑔(𝜌𝑝 − 𝜌𝑔)𝑑𝑝
3
)

0.029

(
𝜌𝑔

𝜌𝑝
)

0.021

 [5] 

Minimum fluidization 
velocity 

𝑢𝑚𝑓 =
𝑔(𝜌𝑝 − 𝜌𝑔)(𝜙𝑠𝑑𝑝)

2

150𝜇𝑔

𝜖𝑚𝑓
3

1 − 𝜖𝑚𝑓
 [5] 

Reynolds number for 
particle at minimum 
fluidization 

𝑅𝑒𝑝𝑚𝑓 =
𝑑𝑝𝑢𝑚𝑓𝜌𝑔

𝜇𝑔
> 20 [13] 

Maximum bubble diameter 𝑑𝑏𝑚 = 0.652[𝐴𝑐(𝑢0 − 𝑢𝑚𝑓)]
0.4

 [5] 

Minimum bubble diameter 𝑑𝑏0 = 0.00376(𝑢0 − 𝑢𝑚𝑓)
2

 [5] 

Bubble diameter 𝑑𝑏 = 𝑑𝑏𝑚 − (𝑑𝑏𝑚 − 𝑑𝑏0)𝑒
−
0.3ℎ
𝐷𝑡  [5] 

Bubble rise velocity 
𝑢𝑏 = 𝑢0 − 𝑢𝑚𝑓 + 0.711√𝑔𝑑𝑏 [29] 

Velocity of emulsion gas 
𝑢𝑒 =

𝑢𝑚𝑓

𝜖𝑚𝑓
 [13] 

Bubble void fraction 
𝛿 =

𝑢0 − 𝑢𝑚𝑓

𝑢𝑏 + 2𝑢𝑚𝑓
, 𝑢𝑏 < 𝑢𝑒 [13] 

 
𝛿 =

𝑢0 − 𝑢𝑚𝑓

𝑢𝑏 + 𝑢𝑚𝑓
, 𝑢𝑏 > 𝑢𝑚𝑓/𝜖𝑚𝑓 [13] 

 
𝛿 =

𝑢0 − 𝑢𝑚𝑓

𝑢𝑏
, 𝑢𝑏 < 5𝑢𝑒/𝜖𝑚𝑓 [13] 

 
𝛿 =

𝑢0
𝑢𝑏
, 𝑢0 > 8𝑢𝑚𝑓 [13] 

Gas interchange coefficient 
𝐾𝑏𝑒 = 4.5 (

𝑢𝑚𝑓

𝑑𝑏𝑎𝑣𝑔
) + 5.85(

𝐷0.5𝑔0.25

𝑑𝑏𝑎𝑣𝑔
1.25 ) [13] 

Solid fraction in freeboard 
1 − 𝜖𝑓𝑏 = (1 − 𝜖𝑓)𝑒

−𝑎𝑧 [31] 

Decay constant 𝑎 = 1.8 𝑢0⁄ , 𝑢0 ≤ 1.25 𝑚 𝑠⁄ , 𝑑𝑝 ≤ 800𝜇𝑚 [13] 

 

Modular programming has been adapted to allow users to update and improve modules 

easily and the model is therefore subdivided into separate sub-programs (function-files in 

MATLAB). The input to the model and an overview of the program scheme is shown in the 

figure below.  
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Start
Input
Initial amount of species 
after pyrolysis, x
Fuel flow
Reactor pressure, P
Reactor temperature, T
Reactor dimensions
Particle density of char, ρc
Particle size of char, dp,c
Fluidized bed height, hbed
Freeboard height, hfrb

Calculate u0, 
ρg, μg 

Calculate dbm, 
db0, umf, εmf 

Calculate 
initial molar 

flow in bubble 
and emulsion 

phase

End of bed

End of 
freeboard

End

Calculate db, 
ub, δ, Kbe

Solve molar 
balances

Calculate u0, 
ρg, μg 

Calculate solid 
drop off

Solve reaction 
kinetic 

equations

Calculate u0, 
ρg, μg 

Yes

No

Yes

No

Compartment 
N+1

Compartment 
N+1

 

Figure 17. Computational algorithm of M2 
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5 RESULTS 

Results from running the models with experimental data are presented in figures that 

compare the results from the kinetic model (M1) and gasifier model (M2) against the 

experimental results. These figures are discussed later in the discussion section.   

The figure below shows mean error at predicting the product composition at different ER-

values for the models, before and after calibrating the time correction factor. From the figure, 

it can be concluded that M1 in comparison to M2 predicts gas compositions that are in better 

agreement with the experimental gas compositions. This is true with data from both Narváez 

et al. and Turn et al. The same figure shows how the accuracy of the models increases after 

the models have been calibrated with a time correction factor. The kinetic model (M1) have 

also been executed with data from experiments of a downdraft gasifier and the accuracy is 

fairly good. Even though this figure and the following shows this, increasing the  time 

correction factor to higher values do not change the accuracy of kinetic models while it is 

improving the combined kinetic and hydrodynamic result in a way that their accuracy would 

be better than kinetic-only model in most of the cases. 

 

Figure 18. Accuracy of the models before and after calibration. The kinetic model have also been 
executed with data from an experiment on a downdraft gasifier conducted by Dogru et al. [49]. The 
numbers in the parantheses in the legend represents time correction factors that have been used. 
Number one represents that no correction factor have been used. 

  

0%

50%

100%

150%

200%

250%

300%

0.05 0.1 0.15 0.2 0.25 0.3 0.35 0.4 0.45 0.5

M
ea

n
 e

rr
o

r  

ER 

M1 - Narváez (1) M1 - Narváez (120) M2 - Narváez (1)

M2 - Narváez (120) M1 - Dogru M1 - Turn (1)

M1 - Turn (48) M2 - Turn (1) M2 - Turn (48)



 

 46  

5.1 Narváez et al. 

Figure 19 shows how accurately the two models predict the gas composition. If the scatter 

points for the species lies on the linear line, they match the experimental data exactly. The 

further away from the 45 degree line they are, the more they deviate from the experimental 

results. Scattered points that are located above the linear line represents overestimated molar 

fractions and scatter points below the line represents underestimated molar fractions. 

 

Figure 19. Accuracy of the models in predicting the gas composition with data from Narváez et al.  

The figures above and below shows that M1 predicts the gas composition very well with data 

from Narváez et al., while predictions by M2 is not as good as M1. Which is also more clearly 

shown in Figure 20 where the left side of Figure 19 is zoomed in.  
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Figure 20. Accuracy of the models in predicting gas composition with data from Narváez et al.  
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5.2 Turn et al. 

Figure 21 shows how accurately the two models predict the gas composition with data from 

Turn et al. As shown in the figure below, both models are not as good as predicting gas 

composition as they were with data from Narváez et al. (see of Figure 19) since the data 

points deviates further away from the straight line with data from Turn et al.  M1 predicts the 

gas composition better than M2, exactly as the case with data from Narváez et al. 

 

Figure 21. Accuracy of the models in predicting gas composition with data from Turn et al. 
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6 DISCUSSION 

There are some uncertainties that may affect M2 and may hence not give better results than 

M1, which was the idea with this thesis. The most likely reason to why M1 is better than M2 is 

the lower carbon conversion in M2. Low carbon conversion means that at the end of the bed 

there is still a certain amount of unreacted carbon left, which contributes to lower production 

of carbonaceous gases in the bed. 

If M1 and M2 are used with input data from Narváez et al. at ER=0.37, there is a carbon 

content of 4.78 % at the surface of the bed in M1 and 12.81 % in M2, both of these values are 

shown in the Appendix D. The amount of unreacted carbon in M2 is thereby nearly three 

times as larger and the difference is even larger with data from Turn et al., as shown in 

Appendix E. 

The higher amount of unreacted carbon in M2 in comparison to M1 is a result of the bed in 

M2 consisting of two phases, where carbon is only present in the emulsion phase and not in 

in the bubble phase. Gas interchange that is driven by concentration gradients of the species 

occurs between the phases and the reactant concentrations in the emulsion phase in M2 is 

thus less than in M1, in which M1 do not consider hydrodynamics. As a result, higher reactant 

concentrations are available to take part in the reactions in M1 and more carbon is thus 

converted into gaseous products. The bubble phase is considered to be solid free and no 

reactions occur thereby in the bubbles since the kinetic model that is used in the gasifier 

model (M2) only considers gas-solid reactions. Including gas-gas reactions in the models 

could increase their accuracy, but would most likely not affect the carbon conversion rate in 

M2. Increasing the residence time by using higher time correction factors than those selected 

from the calibration of the kinetic model improves the accuracy of the combined kinetic and 

hydrodynamic model, while it decreases the accuracy of the kinetic-only model in most cases. 

A problem that has been encountered several times during this work when M2 should be 

executed with input from scientific articles and validated towards experimental data is the 

lack of sufficient information about the bed height and reactor height.  

Many articles that have been found and used do not mention bed height and sometimes not 

even reactor height and only one of them is often provided. Both reactor height and bed 

height are needed in order to determine the size of the bed and freeboard. Since bed height 

and freeboard height is not mentioned in many cases, it causes problems and confusion when 

setting up values for the model parameters in M2. 

This brings up the following questions: have the model been executed with a too large bed 

height and freeboard heights and therefore producing better results than it should? Or has 

the model been executed with too small dimension and therefore resulting in less good 

results than it should? These questions raises some uncertainties regarding the results from 

M2 and bed and freeboard dimensions has been set to what the authors of this thesis thinks 

is reasonable.  
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7 CONCLUSIONS 

Experimental data for hydrodynamics in bubbling fluidized beds are as mentioned difficult to 

find and some parameters describing the characteristics of the bubbling fluidized bed could 

thus not be validated. Parameters that would be of most interest to validate are minimum 

fluidization velocity and bed voidage at minimum fluidization condition since these affects 

the gas interchange between emulsion and bubble phase and it is hence quite important that 

these are consistent with experimental data.  

Due to the lack of experimental data for validation of the hydrodynamic parameters it is 

difficult to evaluate the quality of the models and conclude which one is the most suitable for 

the purpose of this thesis. More suitable experimental data is hence needed to make a proper 

conclusion of which hydrodynamic model is most suitable for combining with the kinetic 

model. 

Introducing hydrodynamic parameters to a kinetic model has showed to yield in a lower 

carbon conversion rate due to the fact that the gasifier model is based upon two-phase theory 

and that the kinetic model only models gas-solid reactions. M1 predicts the gas composition 

more accurately than M2, this can be explained by that there are more reactant 

concentrations available in M1 than in M2. There are larger reactant concentrations in M1 

since the bubble phase in M2 is considered to be solid free, all the carbon will hence be 

present in the emulsion phase where there are only low concentrations of reactants for the 

carbon to react with. This shows how sensitive M2 is to large changes in concentrations, the 

reactant concentrations can be increased by allowing solids or include gas-gas reactions in 

the bubble phase.   

The results from the models shows that the residence time is crucial parameter and the 

accuracy in prediction gas composition for the models is significantly improved when 

introducing time correction factors. The time correction factor may however need further 

research to be considered trust worthy.  

The inability of the kinetic model M1 to simulate gas to gas reactions inhibits M2 to predict 

realistic results since the inability in M1 is included in M2 that uses the same kinetic model. If 

gas to gas reactions would be implemented there is a possibility that the M2 would give 

improved predictions and perhaps surpass the prediction accuracy of M1.   
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8 SUGGESTIONS FOR FURTHER WORK 

Below are some suggestions listed for further work that are quite interesting since it may give 

a better versatility of the model and probably give different results than those presented in 

this thesis.  

 Include another hydrodynamics models together with the kinetic model, such as the 

bubble assemblage model by Kato and Wen or simulating countercurrent back mixing 

of char. 

 Validate the hydrodynamic model against hydrodynamic parameters. 

 Further testing of the models towards experimental data to allow better setup of main 

parameters. 

 Implement another reaction kinetic model that can be used for gas to gas reactions in 

the bubble phase, alternative implement gas to gas reactions in the bubble phase of 

the model in this thesis.  

 There is a possibility to simulate the complete gasification process in the Aspen 

Simulator software by translating the model from MATLAB into FORTRAN77 and 

implement it as a user model (see for instance Nikoo and Mahinpey [18]). 
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APPENDIX A. EQUILIBRIUM CONSTANTS 

Table A-1. Values of the constants used to calculate equilibrium constants for temperature range 
1000 – 5000 K [50]. Reprinted from equilibrium and kinetic modeling of char reduction in a 
downdraft biomass gasifier: A comparsion, vol 82, Avdesh kr. Sharma, pages 918-928, copyright 
(2008), with permission from Elsevier 
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APPENDIX B. MOLECULAR WEIGHT 

Table B-1. Molecular weight of species considered 

Species j Molecular weight [g/mol] 

C 12.011 

H2 2.0158 

CO 28.0101 

H2O 18.0152 

CO2 44.0095 

CH4 16.0423 

N2 28.0134 
 

 

 

 



 

  

APPENDIX C. VISCOSITY AND TEMPERATURE RELATION 

FOR GAS SPECIES 

The following diagram has been created from tabular data for viscosity, retrieved from the 

homepage of NIST. Data was retrieved at pressure of 1 atm and all available temperatures. 

Trend lines and equations were created by utilizing the functions provided in Microsoft 

Excel. It is assumed that the viscosity–temperature relation described by the regression 

equations continues at temperatures higher than the available tabular data from NIST.  

 

Figure C-1. Viscosity of gas species 
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APPENDIX D. M1 AND M2 COMPARISON NARVÁEZ ET AL. 

Table D-1. Model and experimental gas compositions at ER 0.37, Narvaéz et al. 
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APPENDIX E. M1 AND M2 COMPARISON TURN ET AL. 

Table E-1. Model and experimental gas compositions at ER 0.37, Turn et al. 
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APPENDIX F. AVERAGE OEJ WITH DIFFERENT TIME 

CORRECTION FACTORS 

Table F-1. Average OEj with different time correction factors for data from Narváez et al.  

Time correction factor Average OEj, M1 Average OEj, M2 

1 0.8480 0.8558 

40 0.5443 0.7950 

80 0.3719 0.7409 

120 0.2928 0.6935 

160 0.2737 0.6554 

200 0.2865 0.6239 

320 
 

0.5078 

480 
 

0.4112 

640   0.3400 
 



 

 1 

APPENDIX G. MATLAB CODE FOR KINETIC MODEL (M1) 

% Kinetic model for biomass gasifier 
clear, clc 
format long g 
  
% Main parameters 
T =850+273.15; % Temperature in reduction zone [K] 
p = 1; % Pressure in reduction zone [atm] 
R = 8.314472; % Universal gas constant [J/mol,K] 
rhoChar = 1300;  % Particle density of char [kg/m^3] 
dpChar = 0.72E-3; % Particle size of char [m] 
tRes = 2.5; % Residence time for the gas in the BFB gasifier 
corrTimeFactor = 48; % Correction factor between BFB and downdraft gasifier [s] 
tEnd = tRes*corrTimeFactor; % Residence time for gas in model 
  
% Initial mole of species per mole biomass 
x(1,1)= 0.450112649472158; % C 
x(2,1)= 0; % H2 
x(3,1)= 0; % CO 
x(4,1)= 2.82193093352227; % H2O 
x(5,1)= 0.307439770832814; % CO2 
x(6,1)= 0.242447579695028; % CH4 
x(7,1)= 0.603156195741074; % N2 
xC = x(1,1); % Initial C 
  
% Runge Kutta 4th method parameters 
t=0.0; % Start time [s] 
dt=0.1; % Time step [s] 
NdEq = 7; % Number of differential equations 
Nstep = 1; % Number of steps to advance Runge Kutta 
hRK4TH = dt/Nstep; % Step size for Runge Kutta method 
  
%-------------------------------------------------------------------------- 
%                            REACTIONS 
%                        R1: C + CO2 = 2CO 
%                        R2: C + H2O = CO + H2 
%                        R3: C + 2H2 = CH4  
%                        R4: CH4 + H2O = CO + 3H2 
%-------------------------------------------------------------------------- 
  
% Activation energy [J/mol] (from Y. Wang and C.M. Kinoshita) 
Ea(1)=77390; % R1  
Ea(2)=121620; % R2  
Ea(3)=19210; % R3 
Ea(4)=36150; % R4 
  
% Pre-exponential factors [1/s] (from Y. Wang and C.M. Kinoshita) 
A(1)= 3.616E1; % R1  
A(2)= 1.517E4; % R2 
A(3)= 4.189E-3; % R3 
A(4)= 7.301E-2; % R4 
  
% Adsorption constants [1/atm] 
K(1) = 0.0; % C 
K(2) = 7.490748E-5; % H2 at 1173 K (From Everson) 
K(3) = 2.566E-9; % CO at 1173 K (From Everson) 
K(4) = 6.415001E-10; % H2O at 1173 K (From Everson) 
K(5) = 1.954108E-10; % CO2 at 1173 K (From Everson) 
K(6) = 0.0; % CH4 
K(7) = 0.0; % N2 
  
% Parameters used for equilibirium constants (from Avdhesh Kr. Sharma) 
if T<1000 
    Agi = [-1.586446E+00    -7.912764E+00   6.592218E+00    7.966100E-01    -1.294345E+01   -3.272161E+00]; 
    Bgi = [-7.559705E-04    -4.961036E-03   -4.124721E-04   -1.737491E-03   -8.738340E-03   -3.590750E-03]; 
    Cgi = [6.469592E-07     1.734852E-06    1.357169E-07    1.059116E-06    4.639015E-06    9.388202E-07]; 
    Dgi = [-4.651620E-10    -5.722238E-10   7.896195E-12    -5.807151E-10   -2.541423E-09   -1.785248E-10]; 
    Egi = [4.124918E-13     3.528800E-13    -6.891453E-14   4.177647E-13    2.039885E-12    6.947603E-14]; 
    Fgi = [-1.431054E+04    -4.837314E+04   -1.012521E+03   -3.020811E+04   -9.825229E+03   -7.339498E+01]; 
    Ggi = [-3.262451E+00    -2.275724E+00   -3.298124E+00   -3.386842E+00   -7.787415E-01   6.705661E-01]; 
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else 
    Agi = [-3.083139E+00    5.409019E+00    4.346533E+00    -4.190672E+00   -7.939917E+00   1.020795E+01]; 
    Bgi = [-7.213443E-04    -1.570084E-03   -3.500322E-04   -1.528147E-03   -5.118618E-03   -8.310628E-04]; 
    Cgi = [9.384712E-08     2.130684E-07    9.389713E-09    1.455043E-07    6.458547E-07    1.114534E-07]; 
    Dgi = [-8.488178E-12    -1.994997E-11   7.692982E-13    -1.000830E-11   -5.654654E-11   -1.075733E-11]; 
    Egi = [1.151825E-15     2.781722E-15    -2.637920E-16   1.065270E-15    7.505705E-15    1.534222E-15]; 
    Fgi = [-1.426835E+04    -4.896696E+04   -8.350340E+02   -2.989921E+04   -1.008079E+04   -7.074018E+02]; 
    Ggi = [-3.025078E+00    -4.453623E+00   -2.991423E+00   -2.672145E+00   -1.683478E+00   -1.490166E+00]; 
end 
  
% Gibbs functions (from Avdhesh Kr. Sharma) 
GCO = @(T) Agi(1)+Bgi(1)*T+Cgi(1)*T^2+Dgi(1)*T^3+Egi(1)*T^4+Fgi(1)/T+Ggi(1)*log(T); 
GCO2 = @(T) Agi(2)+Bgi(2)*T+Cgi(2)*T^2+Dgi(2)*T^3+Egi(2)*T^4+Fgi(2)/T+Ggi(2)*log(T); 
GH2 = @(T) Agi(3)+Bgi(3)*T+Cgi(3)*T^2+Dgi(3)*T^3+Egi(3)*T^4+Fgi(3)/T+Ggi(3)*log(T); 
GH2O = @(T) Agi(4)+Bgi(4)*T+Cgi(4)*T^2+Dgi(4)*T^3+Egi(4)*T^4+Fgi(4)/T+Ggi(4)*log(T); 
GCH4 = @(T) Agi(5)+Bgi(5)*T+Cgi(5)*T^2+Dgi(5)*T^3+Egi(5)*T^4+Fgi(5)/T+Ggi(5)*log(T); 
GCHAR = @(T) Agi(6)+Bgi(6)*T+Cgi(6)*T^2+Dgi(6)*T^3+Egi(6)*T^4+Fgi(6)/T+Ggi(6)*log(T); 
  
% Equilibrium constants for reactions (from Avdhesh Kr. Sharma) 
KP(1) = exp(-(2*GCO(T)-GCO2(T)-GCHAR(T))); % R1 
KP(2) = exp(-(GCO(T)+GH2(T)-GH2O(T)-GCHAR(T))); % R2 
KP(3) = exp(-(GCH4(T)-2*GH2(T)-GCHAR(T))); % R3 
KP(4) = exp(-(GCO(T)+3*GH2(T)-GH2O(T)-GCH4(T))); % R4 
  
% Apparent rate constants (from Y. Wang and C.M. Kinoshita) [1/s] 
KA(1) = A(1)*exp(-Ea(1)/(R*T)); % R1 
KA(2) = A(2)*exp(-Ea(2)/(R*T)); % R2 
KA(3) = A(3)*exp(-Ea(3)/(R*T)); % R3 
KA(4) = A(4)*exp(-Ea(4)/(R*T)); % R4 
  
% Functions (from Y. Wang and C.M. Kinoshita) 
Px = @(xIn) (xIn(2)+xIn(3)+xIn(4)+xIn(5)+xIn(6)+xIn(7))*1/p; %[mol/Pa] 
M = @(xIn) (K(2)+1/p)*xIn(2)+(K(3)+1/p)*xIn(3)+(K(4)+1/p)*xIn(4)+(K(5)+1/p)*xIn(5)+(K(6)+1/p)*xIn(6)+(K(7)+1/p)*xIn(7); 
nu1 = @(xIn) -KA(1)*((xIn(5)-xIn(3)^2/(Px(xIn)*KP(1)))/M(xIn))*(xC/xIn(1))^(1/3)*xIn(1)/(rhoChar*dpChar); % R1 
nu2 = @(xIn) -KA(2)*((xIn(4)-(xIn(3)*xIn(2))/(Px(xIn)*KP(2)))/M(xIn))*(xC/xIn(1))^(1/3)*xIn(1)/(rhoChar*dpChar); % R2 
nu3 = @(xIn) -KA(3)*((xIn(2)^2-(xIn(6)*Px(xIn))/(KP(3)))/(Px(xIn)*M(xIn)))*(xC/xIn(1))^(1/3)*xIn(1)/(rhoChar*dpChar); % R3 
nu4 = @(xIn) -KA(4)*((xIn(4)*xIn(6)-(xIn(3)*xIn(2)^3)/(Px(xIn)^2*KP(4)))/(Px(xIn)*M(xIn)))*(xC/xIn(1))^(1/3)*xIn(1)/(rhoChar*dpChar); % R4 
  
J=1; % Loop counter 
t = t+dt; 
while t<=tEnd  
    xRK4TH = x(:,J); 
     
    % Runge-Kutta 4th order method 
    for K = 1:Nstep 
        F1(1) = nu1(xRK4TH)+nu2(xRK4TH)+nu3(xRK4TH); % Rate of change of C 
        F1(2) = -nu2(xRK4TH)+2*nu3(xRK4TH)-3*nu4(xRK4TH); % Rate of change of H2 
        F1(3) = -2*nu1(xRK4TH)-nu2(xRK4TH)-nu4(xRK4TH); % Rate of change of CO 
        F1(4) = nu2(xRK4TH)+nu4(xRK4TH); % Rate of change of H2O 
        F1(5) = nu1(xRK4TH); % Rate of change of CO2 
        F1(6) = -nu3(xRK4TH)+nu4(xRK4TH); % Rate of change of CH4 
        F1(7) = 0; % Rate of change of N2 
        for I = 1:NdEq 
            Y(I) = xRK4TH(I) + 0.5*hRK4TH*F1(I); 
        end 
         
        F2(1) = nu1(Y)+nu2(Y)+nu3(Y); % Rate of change of C 
        F2(2) = -nu2(Y)+2*nu3(Y)-3*nu4(Y); % Rate of change of H2 
        F2(3) = -2*nu1(Y)-nu2(Y)-nu4(Y); % Rate of change of CO 
        F2(4) = nu2(Y)+nu4(Y); % Rate of change of H2O 
        F2(5) = nu1(Y); % Rate of change of CO2 
        F2(6) = -nu3(Y)+nu4(Y); % Rate of change of CH4 
        F2(7) = 0; % Rate of change of N2 
        for I = 1:NdEq 
            Y(I) = xRK4TH(I) + 0.5*hRK4TH*F2(I); 
        end 
         
        F3(1) = nu1(Y)+nu2(Y)+nu3(Y); % Rate of change of C 
        F3(2) = -nu2(Y)+2*nu3(Y)-3*nu4(Y); % Rate of change of H2 
        F3(3) = -2*nu1(Y)-nu2(Y)-nu4(Y); % Rate of change of CO 
        F3(4) = nu2(Y)+nu4(Y); % Rate of change of H2O 
        F3(5) = nu1(Y); % Rate of change of CO2 
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        F3(6) = -nu3(Y)+nu4(Y); % Rate of change of CH4 
        F3(7) = 0; % Rate of change of N2 
        for I = 1:NdEq 
            Y(I) = xRK4TH(I) + hRK4TH*F3(I); 
        end 
         
        F4(1) = nu1(Y)+nu2(Y)+nu3(Y); % Rate of change of C 
        F4(2) = -nu2(Y)+2*nu3(Y)-3*nu4(Y); % Rate of change of H2 
        F4(3) = -2*nu1(Y)-nu2(Y)-nu4(Y); % Rate of change of CO 
        F4(4) = nu2(Y)+nu4(Y); % Rate of change of H2O 
        F4(5) = nu1(Y); % Rate of change of CO2 
        F4(6) = -nu3(Y)+nu4(Y); % Rate of change of CH4 
        F4(7) = 0; % Rate of change of N2 
        for I = 1:NdEq 
            xRK4TH(I) = xRK4TH(I)+hRK4TH*(F1(I)+2.0*(F2(I)+F3(I))+F4(I))/6.0; 
        end 
    end 
   
    x(:,J+1) = xRK4TH; 
    t=t+dt; 
    J=J+1; 
end 
  
disp('Composition of synthesis gas') 
species = {'C','H2','CO','H2O','CO2','CH4','N2'}; 
xFrac = x(:,end)/sum(x(:,end)); 
for ii = 1:length(species) 
    fprintf('%-5s %7.5f\n', species{ii}, xFrac(ii)) 
end 
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APPENDIX H. MATLAB CODE FOR GASIFIER MODEL (M2) 

Main program:  biomass gasifier model 

% Biomass gasifier model 
clear, clc 
format long g 
tic; % Start stopwatch timer 
  
% Main parameters 
% Operational condition 
biomassFlow = 0.015589976; % Molar flow of fuel [mol/s] 
Tbed = 850+273.15; % Reactor temperature [K] 
Tfrb = 850+273.15; % Temperature in freeboard 
P = 1; % Reactor pressure [atm] 
  
% Products from pyrolysis [mole of species j per mole biomass] 
mole = zeros(7,1); 
mole(1,1) = 0.450112649472158; % C 
mole(2,1) = 0; % H2 
mole(3,1) = 0; % CO 
mole(4,1) = 2.82193093352227; % H2O 
mole(5,1) = 0.307439770832814; % CO2 
mole(6,1) = 0.242447579695028; % CH4 
mole(7,1) = 0.603156195741074; % N2 
molarFlow = mole*biomassFlow; % Inlet molar flows [mol/s] 
  
% Bed dimensions 
hBed = 110; % Height of fluidized bed [cm] 
dBed = 8.9; % Bed diameter [cm] 
nCompBed =110; % Number of compartments in the bed 
areaBed = pi*dBed^2/4; % Cross-section area of bed [cm^2] 
dh = hBed/nCompBed; % Step size and compartment height [cm] 
  
% Freeboard dimensions 
hFrb = 50; % Freeboard height [cm] 
dhFrb = 1; % Compartment height [cm] 
dFrb = 15.2; % Freeboard diameter [cm] 
nCompFrb = hFrb/dhFrb; % Number of compartments in freeboard 
  
% Runge Kutta 4th method parameters 
ndEq = 14; % Number of differential equations 
nRK4THsteps = 20; % Number of steps to advance Runge Kutta 
hRK4TH = dh/nRK4THsteps; % Step size for Runge Kutta method 
  
% Other parameters 
% Constants 
g = 980; % Gravitational acceleration [cm/s^2] 
phi = 1; % Particle sphericity 
diffusivity = 0.618; % Diffusivity [cm^2/s] 
  
% Reaction kinetic parameters 
rhoChar = 1300;  % Particle density of char [kg/m^3] 
dpChar = 0.72E-3; % Particle size of char [m] 
  
% Molecular weight [g/mol] 
MW(1) = 12.0107; % Carbon (C)  
MW(2) = 2.0158; % Hydrogen (H2) 
MW(3) = 28.0101; % Carbon monoxide (CO) 
MW(4) = 18.0152; % Water (H20) 
MW(5) = 44.0095; % Caron dioxide (CO2) 
MW(6) = 16.0423; % Methane (CH4) 
MW(7) = 28.0134; % Nitrogen (N2) 
  
%% Start of program 
  
% Calculate superficial gas velocity and density of gas mixture 
[u0, rhog, mug] = GasProperties(molarFlow, P, Tbed, areaBed); 
  
% Calculate hydrodynamic parameters 
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[dbm, db0, umf, emf] = Hydrodynamics(areaBed, u0, rhog, mug, phi); 
  
% Divide molar input flow into bubble and emulsion phase 
[molarFlow, X] = DivideIntoPhases(molarFlow,areaBed,umf, u0, rhog); 
molarFlowPhases = [molarFlow(:,2), molarFlow(:,3)]; 
  
molarFlowPhases = reshape(molarFlowPhases,14,1); % Reshape molar flow matrix to column vector 
  
totTime = 0; % Total residence time 
dt = (hBed/nCompBed)/u0; % Residence time for first compartment 
mole = molarFlowPhases*dt; % Amount of species [mole] 
% Loop through the bed 
for N = 1:nCompBed 
    h = N*dh; % Height above distributor 
    dt = dh/u0; % Residence time for gas in compartment N [s] 
    totTime = totTime+dt; 
    %----------------------------------------------------------------- 
    % Hydrodynamics 
     
    db = dbm-(dbm-db0)*exp((-0.3*h)/dBed); % Bubble diameter [cm] 
    ub = u0-umf+0.711*(g*db)^0.5; 
    ue = umf/emf; % Emulsion gas rise velocity [cm/s] 
    if (ub < ue) % For slow bubbles 
        delta = (u0-umf)/(ub+2*umf); 
    elseif (umf/emf < ub) % For intermediate bubbles with thick clouds 
        delta = (u0-umf)/(ub+umf); 
    elseif (ub < 5*umf/emf) %For intermediate bubbles with thick clouds 
        delta = (u0-umf)/ub; 
    elseif (ub >5*umf/emf) % For fast bubbles with thin clouds 
        delta = (u0-umf)/(ub-umf);  
    elseif (u0 > 8*umf) % For vigorously bubbling beds 
        delta = u0/ub; 
    else 
        error('Calculation can not proceed, bubble phase fraction cannot be calculated') 
    end 
    % Check whether maximum bubble size have been reached 
    if (db > dbm) 
        db = dbm; 
    end 
    if (ub > 5*ue || u0 > 2*umf) 
        Kbe = 4.5*(umf/db)+5.85*(diffusivity^0.5*g^0.25/db^1.25); 
    else 
        error('Calculation can not proceed, gas interchange coefficient between bubble and emulsion phase cannot be calculated') 
    end 
     
    %----------------------------------------------------------------- 
    % Mole balances 
     
    moleRK4TH =  mole(:,N); 
    % Runge Kutta 4th order method 
    for K = 1:nRK4THsteps 
        % Element   Phase       Species 
        % 1         Bubble      C 
        % 2         Bubble      H2 
        % 3         Bubble      CO 
        % 4         Bubble      H2O 
        % 5         Bubble      CO2 
        % 6         Bubble      CH4 
        % 7         Bubble      N2 
        % 8         Emulsion    C 
        % 9         Emulsion    H2 
        % 10        Emulsion    CO 
        % 11        Emulsion    H2O 
        % 12        Emulsion    CO2 
        % 13        Emulsion    CH4 
        % 14        Emulsion    N2 
        % REACTION KINETICS    
        [x, R] = ReactionKinetics(moleRK4TH(8:14,1), Tbed,P,rhoChar,dpChar,dt,0); 
         
        F1(1,1) = 0; 
        F1(2,1) = Kbe/ub*(moleRK4TH(9)-moleRK4TH(2)); % Bubble - H2 
        F1(3,1) = Kbe/ub*(moleRK4TH(10)-moleRK4TH(3)); % Bubble - CO 
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        F1(4,1) = Kbe/ub*(moleRK4TH(11)-moleRK4TH(4)); % Bubble - H2O 
        F1(5,1) = Kbe/ub*(moleRK4TH(12)-moleRK4TH(5)); % Bubble - CO2 
        F1(6,1) = Kbe/ub*(moleRK4TH(13)-moleRK4TH(6)); % Bubble - CH4 
        F1(7,1) = Kbe/ub*(moleRK4TH(14)-moleRK4TH(7)); % Bubble - N2 
        F1(8,1) = emf*(1-delta)/u0*R(1); % Emulsion - C (no interchange of carbon) 
        F1(9,1) = Kbe*delta/u0*(moleRK4TH(2)-moleRK4TH(9))+emf*(1-delta)/u0*R(2); % Emulsion - H2 
        F1(10,1) = Kbe*delta/u0*(moleRK4TH(3)-moleRK4TH(10))+emf*(1-delta)/u0*R(3); % Emulsion - CO 
        F1(11,1) = Kbe*delta/u0*(moleRK4TH(4)-moleRK4TH(11))+emf*(1-delta)/u0*R(4); % Emulsion - H2O 
        F1(12,1) = Kbe*delta/u0*(moleRK4TH(5)-moleRK4TH(12))+emf*(1-delta)/u0*R(5); % Emulsion - CO2 
        F1(13,1) = Kbe*delta/u0*(moleRK4TH(6)-moleRK4TH(13))+emf*(1-delta)/u0*R(6); % Emulsion - CH4 
        F1(14,1) = Kbe*delta/u0*(moleRK4TH(7)-moleRK4TH(14))+emf*(1-delta)/u0*R(7); % Emulsion - N2 
        for I = 1:ndEq 
            Y(I,1) = moleRK4TH(I) + 0.5*hRK4TH*F1(I); 
        end 
  
        % REACTION KINETICS    
        [x, R] = ReactionKinetics(Y(8:14,1), Tbed,P,rhoChar,dpChar,dt,0); 
  
        F2(1,1) = 0; 
        F2(2,1) = Kbe/ub*(Y(9)-Y(2)); % Bubble - H2 
        F2(3,1) = Kbe/ub*(Y(10)-Y(3)); % Bubble - CO 
        F2(4,1) = Kbe/ub*(Y(11)-Y(4)); % Bubble - H2O 
        F2(5,1) = Kbe/ub*(Y(12)-Y(5)); % Bubble - CO2 
        F2(6,1) = Kbe/ub*(Y(13)-Y(6)); % Bubble - CH4 
        F2(7,1) = Kbe/ub*(Y(14)-Y(7)); % Bubble - N2 
        F2(8,1) = emf*(1-delta)/u0*R(1); % Emulsion - C 
        F2(9,1) = Kbe*delta/u0*(Y(2)-Y(9))+emf*(1-delta)/u0*R(2); % Emulsion - H2 
        F2(10,1) = Kbe*delta/u0*(Y(3)-Y(10))+emf*(1-delta)/u0*R(3); % Emulsion - CO 
        F2(11,1) = Kbe*delta/u0*(Y(4)-Y(11))+emf*(1-delta)/u0*R(4); % Emulsion - H2O 
        F2(12,1) = Kbe*delta/u0*(Y(5)-Y(12))+emf*(1-delta)/u0*R(5); % Emulsion - CO2 
        F2(13,1) = Kbe*delta/u0*(Y(6)-Y(13))+emf*(1-delta)/u0*R(6); % Emulsion - CH4 
        F2(14,1) = Kbe*delta/u0*(Y(7)-Y(14))+emf*(1-delta)/u0*R(7); % Emulsion - N2 
        for I = 1:ndEq 
            Y(I,1) = moleRK4TH(I) + 0.5*hRK4TH*F2(I); 
        end 
  
        % REACTION KINETICS    
        [x, R] = ReactionKinetics(Y(8:14,1), Tbed,P,rhoChar,dpChar,dt,0); 
  
        F3(1,1) = 0; 
        F3(2,1) = Kbe/ub*(Y(9)-Y(2)); % Bubble - H2 
        F3(3,1) = Kbe/ub*(Y(10)-Y(3)); % Bubble - CO 
        F3(4,1) = Kbe/ub*(Y(11)-Y(4)); % Bubble - H2O 
        F3(5,1) = Kbe/ub*(Y(12)-Y(5)); % Bubble - CO2 
        F3(6,1) = Kbe/ub*(Y(13)-Y(6)); % Bubble - CH4 
        F3(7,1) = Kbe/ub*(Y(14)-Y(7)); % Bubble - N2 
        F3(8,1) = emf*(1-delta)/u0*R(1); % Emulsion - C 
        F3(9,1) = Kbe*delta/u0*(Y(2)-Y(9))+emf*(1-delta)/u0*R(2); % Emulsion - H2 
        F3(10,1) = Kbe*delta/u0*(Y(3)-Y(10))+emf*(1-delta)/u0*R(3); % Emulsion - CO 
        F3(11,1) = Kbe*delta/u0*(Y(4)-Y(11))+emf*(1-delta)/u0*R(4); % Emulsion - H2O 
        F3(12,1) = Kbe*delta/u0*(Y(5)-Y(12))+emf*(1-delta)/u0*R(5); % Emulsion - CO2 
        F3(13,1) = Kbe*delta/u0*(Y(6)-Y(13))+emf*(1-delta)/u0*R(6); % Emulsion - CH4 
        F3(14,1) = Kbe*delta/u0*(Y(7)-Y(14))+emf*(1-delta)/u0*R(7); % Emulsion - N2 
        for I = 1:ndEq 
            Y(I,1) = moleRK4TH(I) + hRK4TH*F3(I); 
        end 
  
        % REACTION KINETICS    
        [x, R] = ReactionKinetics(Y(8:14,1), Tbed,P,rhoChar,dpChar,dt,0); 
  
        F4(1,1) = 0; 
        F4(2,1) = Kbe/ub*(Y(9)-Y(2)); % Bubble - H2 
        F4(3,1) = Kbe/ub*(Y(10)-Y(3)); % Bubble - CO 
        F4(4,1) = Kbe/ub*(Y(11)-Y(4)); % Bubble - H2O 
        F4(5,1) = Kbe/ub*(Y(12)-Y(5)); % Bubble - CO2 
        F4(6,1) = Kbe/ub*(Y(13)-Y(6)); % Bubble - CH4 
        F4(7,1) = Kbe/ub*(Y(14)-Y(7)); % Bubble - N2 
        F4(8,1) = emf*(1-delta)/u0*R(1); % Emulsion - C 
        F4(9,1) = Kbe*delta/u0*(Y(2)-Y(9))+emf*(1-delta)/u0*R(2); % Emulsion - H2 
        F4(10,1) = Kbe*delta/u0*(Y(3)-Y(10))+emf*(1-delta)/u0*R(3); % Emulsion - CO 
        F4(11,1) = Kbe*delta/u0*(Y(4)-Y(11))+emf*(1-delta)/u0*R(4); % Emulsion - H2O 
        F4(12,1) = Kbe*delta/u0*(Y(5)-Y(12))+emf*(1-delta)/u0*R(5); % Emulsion - CO2 
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        F4(13,1) = Kbe*delta/u0*(Y(6)-Y(13))+emf*(1-delta)/u0*R(6); % Emulsion - CH4 
        F4(14,1) = Kbe*delta/u0*(Y(7)-Y(14))+emf*(1-delta)/u0*R(7); % Emulsion - N2 
        for I = 1:ndEq 
            moleRK4TH(I,1) = moleRK4TH(I)+hRK4TH*(F1(I)+2.0*(F2(I)+F3(I))+F4(I))/6.0; 
        end 
    end 
     
    mole(:,N) = moleRK4TH; 
    %----------------------------------------------------------------- 
  
    % Calculate new superficial gas velocity 
    [x, R] = ReactionKinetics(mole(8:14,N), Tbed,P,rhoChar,dpChar,dt,0); 
    [du0e] = GasProperties(R', P, Tbed, areaBed); 
    % Input to next compartment 
    mole(:,N+1) = mole(:,N); % Input to next compartment 
    u0 = u0+du0e; 
     
end 
  
% Freeboard 
areaFrb = pi*dFrb^2/4; % Cross-section area of bed [cm^2] 
ef=delta+(1-delta)*emf; % Calculates void fraction at the top of the bed 
es=1-ef; % Solid fraction at the top of the bed 
moleFrb = mole(1:7,end)+ mole(8:14,end); % Amont of species in freeboard [mole] 
u0 = areaBed*u0/areaFrb; % Superficial gas velocity [cm/s] 
% Loop through freeboard 
for N = 1:nCompFrb 
    if  u0 < 125 
        AF=1.8*100/u0; 
    else 
        error('Constraint violated in freeboard, u0 is too large') 
    end 
     
    es=(1-ef)*exp(-AF*N*dhFrb/100); 
    moleFrb(1,N) = moleFrb(1,N)*es; 
    dt = dhFrb/u0; % Residence time [s] 
    totTime = totTime+dt; 
    % Reaction kinetics 
    [moleFrb(:,N+1)] = ReactionKinetics(moleFrb(:,N), Tfrb,P,rhoChar,dpChar,dt,1); 
     
    [x, R] = ReactionKinetics(moleFrb(:,N+1), Tfrb,P,rhoChar,dpChar,dt,0); 
    [du0] = GasProperties(R', P, Tfrb, areaFrb); 
    u0 = u0+du0; 
  
end 
disp('Residence time for gas in the whole reactor') 
totTime 
disp('Composition after freeboard') 
moleFrb(:,end)/sum(moleFrb(:,end)) 
toc % Stop stopwatch timer 
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Sub function: gas properties 

function [u0, rhog, mug] = GasProperties(molarFlow, P, T, area) 
% GasProperties calculates superficial gas velocity, density and 
% viscosity of the gaseous mixture 
%   INPUT 
%   molarFlow(7,1) = Molar flow of all 7 species [mol/s] 
%   P = Pressure in reactor [atm] 
%   T = Temperature in reactor [K] 
%   area = cross-sectional area of the bubbling bed 
%   OUTPUT 
%   u0 = superficial gas velocity [cm/s] 
%   rhog = density of gas mxiture [g/cm^3] 
%   mug = dynamic viscosity of gas mixture [Poise] 
  
% Molecular weight 
MW = [2.0158; 28.0101; 18.0152; 44.0095; 16.0423; 28.0134]; % Species: H2, CO, H2O, CO2, CH4, N2 
  
Ru = 0.0820578; % Universal gas constant [(L,atm)/(K,mol)] 
  
% Gas composition 
molarFlow = molarFlow(2:7,1); 
Xgas = molarFlow./sum(molarFlow); 
  
% Superficial gas velocity [cm/s] 
MWmixture = sum(Xgas.*MW); % Molecular weight of gas mixture [g/mol] 
rhog = (P*MWmixture/(Ru*T))*1E-3; % (derived from the ideal gas law) 
u0 = 1/(rhog*area)*sum(molarFlow.*MW); 
  
% Viscosity of gases, minimum valid temperature is 400 K 
mu(1) = 0.1859*T^0.6793; % H2 [µPa*s] 
mu(2) = 0.34*T^0.6951; % CO [µPa*s] 
mu(3) = 0.0183*T^1.1035; % H2O [µPa*s] 
mu(4) = 0.1782*T^0.7892; % CO2 [µPa*s] 
mu(5) = 0.1536*T^0.7569; % CH4 [µPa*s] 
mu(6) = 0.4332*T^0.6601; % N2 [µPa*s] 
mu = mu'*1E-6*10; % [Poise] 
  
mug = sum(Xgas.*mu.*MW.^0.5)/sum(Xgas.*MW.^0.5); 
  
end 
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Sub function: hydrodynamics 

function [dbm, db0, umf, emf] = Hydrodynamics(area, u0, rhog, mug, phi) 
% Hydrodynamics calculates minimum and maximum bubble size in the fluidized 
% bed and minimum fluidization condition 
%   INPUT 
%   area = cross-sectional area of the bed [cm^2] 
%   u0 = superficial gas velocity [cm/s] 
%   rhog = density of gas mixture [g/cm^3] 
%   mug = viscosity of gas mixture [Poise] 
%   phi = particle sphericity [0-1] 
%   OUTPUT 
%   dbm = maximum bubble diameter [cm] 
%   db0 = minimum bubble diameter [cm] 
%   umf = minimum fluidization velocity [cm/s] 
%   emf = bubble voidage [0-1] 
  
% Parameters 
g = 980; % Gravitational acceleration [cm/s^2] 
rhop = 2.7; % Particle density of bed material [g/cm^3] 
dp = 0.0315; % Diameter of bed particles [cm] 
  
% Investigate whether the input data are in applicable range for model equations and assumptions    
A = (rhog*g*(rhop-rhog)*dp^3)/mug^2; % Coefficient 
rhoRatio = rhop/rhog; % Density ratio between bed particles and fluidized gas    
if phi < 0.8 || (A < 1 || A > 10^5) || (rhoRatio < 500 || rhoRatio > 50000) 
    error('Calculation cannot proceed, equation for EMF is not applicable') 
end 
  
% Minimum fluidization conidition for small bed particles 
emf = 0.586*phi^(-0.72)*(mug^2/(rhog*g*(rhop-rhog)*dp^3))^(0.029)*(rhog/rhop)^(0.021); 
umf = (phi*dp)^2/150*(g*(rhop-rhog)/mug)*(emf^3)/(1-emf); 
repmf = dp*umf*rhog/mug; % Reynold's number 
  
% Investigate whether equation for REPMF is applicable 
if (repmf > 20) 
    error('Calculation cannot proceed, equation for UMF is not applicable') 
end 
  
% Maximum and minimum bubble size [cm] 
dbm = 0.652*(area*1E-4*(u0-umf)*1E-2)^0.4*1E2; 
db0 = 0.00376*((u0-umf)*1E-2)^2*1E2; 
  
end 
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Sub function: divide into phases 

function [molarFlow, X] = DivideIntoPhases(molarFlow,area,umf, u0, rhog) 
% DivideIntoPhases calculates superficial gas velocity, molar fraction and  
% molar flow in bubble and emulsion phase, based on emulsion gas velocity (UMF) 
%   INPUT 
%   molarFlow(7,1) = molar flow into reactor [mol/s] 
%   area = cross section area of bubbling bed [cm^2] 
%   umf = minimum fluidization velocity [cm/s] 
%   u0 = initial superficial gas velocity [cm/s] 
%   rhog = density of gas mixture 
%   OUTPUT 
%   molarFlow(7,3) = Molar flow into reactor and in bubble and emulsion phase [mol/s] 
%   X(7,2) = Molar fraction in bubble and emulsion phase 
  
% Molecular weight 
MW = [12.0107; 2.0158; 28.0101; 18.0152; 44.0095; 16.0423; 28.0134]; % Species: C, H2, CO, H2O, CO2, CH4, N2 
  
% Phase velocities [cm/s] 
u(1) = u0-umf; % Bubble 
u(2) = umf; % Emulsion 
  
% Input molar ratios 
molarRatios = molarFlow./molarFlow(4,1); % NRATIOS(1) = C-H2O, (2) = H2-H2O, (3) = CO-H2O, (4) = H2O-H2O, (5) = CO2-H2O , (6) = CH4-
H2O, (7) = N2-H2O  
  
% Newton-Rhapson method 
if molarFlow(4,1) == 0 
    error('Cannot continue, the mole flow for H2O is 0 mol/s') 
end 
errTol = 0.00001; % Error tolerance for Newton-Rhapson method 
molarFlowH2prev = zeros(2,1); 
molarFlowH2 = zeros(2,1); 
molarFlowH2(1) =  0.9*molarFlow(4,1); % Guess for H2 molar flow in bubble phase [mol/s] 
molarFlowH2(2) =  0.1*molarFlow(4,1); % Guess for H2 molar flow in emulsion phase [mol/s] 
df = -1/(rhog*area)*sum(molarRatios(2:7).*MW(2:7)); % Derivative 
for I = 1:2 
    iter = 0; 
    err = Inf; 
    while(abs(err) > errTol ) 
        molarFlowH2prev(I) = molarFlowH2(I); 
        F = u(I)- molarFlowH2prev(I)/(rhog*area)*sum(molarRatios(2:7).*MW(2:7)); 
        molarFlowH2(I) =  molarFlowH2prev(I) - F/df; 
         
        err = u(I)-molarFlowH2(I)/(rhog*area)*sum(molarRatios(2:7).*MW(2:7)); 
        iter = iter + 1; 
        if (iter == 100) 
            error('Convergence for Newton-Rhapson method not achieved') 
        end 
    end 
end 
  
% OUTPUT 
% Molar flow in bubble phase [mol/s] 
molarFlow(1,2) = 0; % C 
molarFlow(2:7,2) = molarRatios(2:7)*molarFlowH2(1); 
% Molar flow in emulsion phase [mol/s] 
molarFlow(1,3) = molarFlow(1); % C 
molarFlow(2:7,3) = molarRatios(2:7)*molarFlowH2(2); 
  
% Molar fraction in bubble phase 
X(:,1) = molarFlow(:,2)./sum(molarFlow(:,2)); 
% Molar fraction in emulsion phase 
X(:,2) = molarFlow(:,3)./sum(molarFlow(:,3)); 
end 
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Sub function: reaction kinetics 

function [x, dxdt] = ReactionKinetics(x, T,P,rhoChar,dpChar,tEnd,solve) 
% ReactionKinetics calculates new molar numbers from reactions and 
% calculates the rate of change of molar numbers 
%   INPUT 
%   x = molar number [mole or mole/mole biomass] 
%   T = temperature in reactor [K] 
%   P = pressure in reactor [atm] 
%   rhoChar = particle density of char [g/cm^3] 
%   dpChar = particle size of char [cm] 
%   tEnd = residence time in BFB gasifier [s] 
%   solve = boolean , 0 = do not solve reaction kinetics, 1 = solve 
%   OUTPUT 
%   x = molar number [mole or mole/mole biomass] 
%   dxdt = rate of change of molar number [mol/s] 
  
% Parameters 
Ru = 8.314472; % Universal gas constant [J/mol,K] 
xC = x(1,1); % Initial C 
corrTimeFactor = 48; % Correction time factor (from calibration) 
  
% Runge Kutta 4th method parameters 
t=0.0; % Start time 
dt=0.1; % Time step [s] 
ndEq = 7; % Number of differential equations 
nRK4THsteps = 1; % Number of steps to advance Runge Kutta 
hRK4TH = dt/nRK4THsteps; % Step size for Runge Kutta method 
tEnd = tEnd*corrTimeFactor; % Residence time in model [s] 
  
%------------------------------------ 
%     REACTIONS 
% R1: C + CO2 = 2CO 
% R2: C + H2O = CO + H2 
% R3: C + 2H2 = CH4  
% R4: CH4 + H2O = CO + 3H2 
%------------------------------------ 
  
% Activation energy [J/mol] (from Y. Wang and C.M. Kinoshita) 
Ea(1)=77390; % R1  
Ea(2)=121620; % R2  
Ea(3)=19210; % R3 
Ea(4)=36150; % R4 
  
% Pre-exponential factors [1/s] (from Y. Wang and C.M. Kinoshita) 
A(1)= 3.616E1; % R1  
A(2)= 1.517E4; % R2 
A(3)= 4.189E-3; % R3 
A(4)= 7.301E-2; % R4 
  
% Adsorption constants [1/Pa] 
K(1) = 0.0; % C 
K(2) = 7.490748E-5;%9.36; % H2 at 1173 K (From Everson) 
K(3) = 2.566E-9;%1.0*10^(-4); % CO at 1173 K (From Everson) 
K(4) = 6.415001E-10;%8.07*10^(-5); % H2O at 1173 K (From Everson) 
K(5) = 1.954108E-10;%1.62*10^(-5); % CO2 at 1173 K (From Everson) 
K(6) = 0.0; % CH4 
K(7) = 0.0; % N2 
  
% Parameters used for equilibirium constants (from Avdhesh Kr. Sharma) 
if T<1000 
    Agi = [-1.586446E+00    -7.912764E+00   6.592218E+00    7.966100E-01    -1.294345E+01   -3.272161E+00]; 
    Bgi = [-7.559705E-04    -4.961036E-03   -4.124721E-04   -1.737491E-03   -8.738340E-03   -3.590750E-03]; 
    Cgi = [6.469592E-07     1.734852E-06    1.357169E-07    1.059116E-06    4.639015E-06    9.388202E-07]; 
    Dgi = [-4.651620E-10    -5.722238E-10   7.896195E-12    -5.807151E-10   -2.541423E-09   -1.785248E-10]; 
    Egi = [4.124918E-13     3.528800E-13    -6.891453E-14   4.177647E-13    2.039885E-12    6.947603E-14]; 
    Fgi = [-1.431054E+04    -4.837314E+04   -1.012521E+03   -3.020811E+04   -9.825229E+03   -7.339498E+01]; 
    Ggi = [-3.262451E+00    -2.275724E+00   -3.298124E+00   -3.386842E+00   -7.787415E-01   6.705661E-01]; 
else 
    Agi = [-3.083139E+00    5.409019E+00    4.346533E+00    -4.190672E+00   -7.939917E+00   1.020795E+01]; 
    Bgi = [-7.213443E-04    -1.570084E-03   -3.500322E-04   -1.528147E-03   -5.118618E-03   -8.310628E-04]; 
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    Cgi = [9.384712E-08     2.130684E-07    9.389713E-09    1.455043E-07    6.458547E-07    1.114534E-07]; 
    Dgi = [-8.488178E-12    -1.994997E-11   7.692982E-13    -1.000830E-11   -5.654654E-11   -1.075733E-11]; 
    Egi = [1.151825E-15     2.781722E-15    -2.637920E-16   1.065270E-15    7.505705E-15    1.534222E-15]; 
    Fgi = [-1.426835E+04    -4.896696E+04   -8.350340E+02   -2.989921E+04   -1.008079E+04   -7.074018E+02]; 
    Ggi = [-3.025078E+00    -4.453623E+00   -2.991423E+00   -2.672145E+00   -1.683478E+00   -1.490166E+00]; 
end 
  
% Gibbs functions (from Avdhesh Kr. Sharma) 
GCO = @(T) Agi(1)+Bgi(1)*T+Cgi(1)*T^2+Dgi(1)*T^3+Egi(1)*T^4+Fgi(1)/T+Ggi(1)*log(T); 
GCO2 = @(T) Agi(2)+Bgi(2)*T+Cgi(2)*T^2+Dgi(2)*T^3+Egi(2)*T^4+Fgi(2)/T+Ggi(2)*log(T); 
GH2 = @(T) Agi(3)+Bgi(3)*T+Cgi(3)*T^2+Dgi(3)*T^3+Egi(3)*T^4+Fgi(3)/T+Ggi(3)*log(T); 
GH2O = @(T) Agi(4)+Bgi(4)*T+Cgi(4)*T^2+Dgi(4)*T^3+Egi(4)*T^4+Fgi(4)/T+Ggi(4)*log(T); 
GCH4 = @(T) Agi(5)+Bgi(5)*T+Cgi(5)*T^2+Dgi(5)*T^3+Egi(5)*T^4+Fgi(5)/T+Ggi(5)*log(T); 
GCHAR = @(T) Agi(6)+Bgi(6)*T+Cgi(6)*T^2+Dgi(6)*T^3+Egi(6)*T^4+Fgi(6)/T+Ggi(6)*log(T); 
  
% Equilibrium constants for reactions (from Avdhesh Kr. Sharma) 
KP(1) = exp(-(2*GCO(T)-GCO2(T)-GCHAR(T))); % R1 
KP(2) = exp(-(GCO(T)+GH2(T)-GH2O(T)-GCHAR(T))); % R2 
KP(3) = exp(-(GCH4(T)-2*GH2(T)-GCHAR(T))); % R3 
KP(4) = exp(-(GCO(T)+3*GH2(T)-GH2O(T)-GCH4(T))); % R4 
  
% Apparent rate constants (from Y. Wang and C.M. Kinoshita) [1/s] 
KA(1) = A(1)*exp(-Ea(1)/(Ru*T)); % R1 
KA(2) = A(2)*exp(-Ea(2)/(Ru*T)); % R2 
KA(3) = A(3)*exp(-Ea(3)/(Ru*T)); % R3 
KA(4) = A(4)*exp(-Ea(4)/(Ru*T)); % R4 
  
% Functions (from Y. Wang and C.M. Kinoshita) 
PX = @(Xin) (Xin(2)+Xin(3)+Xin(4)+Xin(5)+Xin(6)+Xin(7))*1/P; %[mol/Pa] 
M = @(Xin) (K(2)+1/P)*Xin(2)+(K(3)+1/P)*Xin(3)+(K(4)+1/P)*Xin(4)+(K(5)+1/P)*Xin(5)+(K(6)+1/P)*Xin(6)+(K(7)+1/P)*Xin(7); 
NU1 = @(Xin) -KA(1)*((Xin(5)-Xin(3)^2/(PX(Xin)*KP(1)))/M(Xin))*(xC/Xin(1))^(1/3)*Xin(1)/(rhoChar*dpChar); % R1 
NU2 = @(Xin) -KA(2)*((Xin(4)-(Xin(3)*Xin(2))/(PX(Xin)*KP(2)))/M(Xin))*(xC/Xin(1))^(1/3)*Xin(1)/(rhoChar*dpChar); % R2 
NU3 = @(Xin) -KA(3)*((Xin(2)^2-(Xin(6)*PX(Xin))/(KP(3)))/(PX(Xin)*M(Xin)))*(xC/Xin(1))^(1/3)*Xin(1)/(rhoChar*dpChar); % R3 
NU4 = @(Xin) -KA(4)*((Xin(4)*Xin(6)-(Xin(3)*Xin(2)^3)/(PX(Xin)^2*KP(4)))/(PX(Xin)*M(Xin)))*(xC/Xin(1))^(1/3)*Xin(1)/(rhoChar*dpChar); 
  
dxdt(1) = NU1(x)+NU2(x)+NU3(x); % Rate of change of C 
dxdt(2) = -NU2(x)+2*NU3(x)-3*NU4(x); % Rate of change of H2 
dxdt(3) = -2*NU1(x)-NU2(x)-NU4(x); % Rate of change of CO 
dxdt(4) = NU2(x)+NU4(x); % Rate of change of H2O 
dxdt(5) = NU1(x); % Rate of change of CO2 
dxdt(6) = -NU3(x)+NU4(x); % Rate of change of CH4 
dxdt(7) = 0; % Rate of change of N2 
dxdt = dxdt*corrTimeFactor;  
  
J=1; % Loop counter 
t = t+dt; 
if solve == 1 
    while t<=tEnd 
        xRK4TH = x(:,J); 
         
        % RUNGE KUTTA 4TH METHOD 
        for K = 1:nRK4THsteps 
             
            F1(1) = NU1(xRK4TH)+NU2(xRK4TH)+NU3(xRK4TH); % Rate of change of C 
            F1(2) = -NU2(xRK4TH)+2*NU3(xRK4TH)-3*NU4(xRK4TH); % Rate of change of H2 
            F1(3) = -2*NU1(xRK4TH)-NU2(xRK4TH)-NU4(xRK4TH); % Rate of change of CO 
            F1(4) = NU2(xRK4TH)+NU4(xRK4TH); % Rate of change of H2O 
            F1(5) = NU1(xRK4TH); % Rate of change of CO2 
            F1(6) = -NU3(xRK4TH)+NU4(xRK4TH); % Rate of change of CH4 
            F1(7) = 0; % Rate of change of N2 
            for I = 1:ndEq 
                Y(I) = xRK4TH(I) + 0.5*hRK4TH*F1(I); 
            end 
             
            F2(1) = NU1(Y)+NU2(Y)+NU3(Y); % Rate of change of C 
            F2(2) = -NU2(Y)+2*NU3(Y)-3*NU4(Y); % Rate of change of H2 
            F2(3) = -2*NU1(Y)-NU2(Y)-NU4(Y); % Rate of change of CO 
            F2(4) = NU2(Y)+NU4(Y); % Rate of change of H2O 
            F2(5) = NU1(Y); % Rate of change of CO2 
            F2(6) = -NU3(Y)+NU4(Y); % Rate of change of CH4 
            F2(7) = 0; % Rate of change of N2 
            for I = 1:ndEq 
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                Y(I) = xRK4TH(I) + 0.5*hRK4TH*F2(I); 
            end 
             
            F3(1) = NU1(Y)+NU2(Y)+NU3(Y); % Rate of change of C 
            F3(2) = -NU2(Y)+2*NU3(Y)-3*NU4(Y); % Rate of change of H2 
            F3(3) = -2*NU1(Y)-NU2(Y)-NU4(Y); % Rate of change of CO 
            F3(4) = NU2(Y)+NU4(Y); % Rate of change of H2O 
            F3(5) = NU1(Y); % Rate of change of CO2 
            F3(6) = -NU3(Y)+NU4(Y); % Rate of change of CH4 
            F3(7) = 0; % Rate of change of N2 
            for I = 1:ndEq 
                Y(I) = xRK4TH(I) + hRK4TH*F3(I); 
            end 
             
            F4(1) = NU1(Y)+NU2(Y)+NU3(Y); % Rate of change of C 
            F4(2) = -NU2(Y)+2*NU3(Y)-3*NU4(Y); % Rate of change of H2 
            F4(3) = -2*NU1(Y)-NU2(Y)-NU4(Y); % Rate of change of CO 
            F4(4) = NU2(Y)+NU4(Y); % Rate of change of H2O 
            F4(5) = NU1(Y); % Rate of change of CO2 
            F4(6) = -NU3(Y)+NU4(Y); % Rate of change of CH4 
            F4(7) = 0; % Rate of change of N2 
             
            for I = 1:ndEq 
                xRK4TH(I) = xRK4TH(I)+hRK4TH*(F1(I)+2.0*(F2(I)+F3(I))+F4(I))/6.0; 
            end 
        end 
         
        x(:,J+1) = xRK4TH; 
        t=t+dt; 
        J=J+1; 
    end 
    x= x(:,end); 
end 
end 
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